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ABSTRACT 

 

The Illinois State Geological Survey at the University of Illinois at Urbana-Champaign 

and URS Group, Inc. are developing a sorption-enhanced water-gas shift (SEWGS) 

technology that combines CO2 capture with the water-gas shift (WGS) reaction for coal 

gasification systems. The primary objectives of the project were to develop, synthesize, 

and evaluate suitable sorbent materials for SEWGS application and evaluate the 

engineering and economic feasibility of implementing this technology. 

 

Calcium-based composite sorbents synthesized via ultrasound spray pyrolysis (USP), 

flame spray pyrolysis (FSP), and mechanical alloying (MA) methods demonstrated 

significantly improved capacity and cyclic stability for CO2 adsorption and enhanced CO 

to CO2 conversion in a simulated syngas. Sorbent capacity was generally smaller in the 

presence of sulfur and other impurities in the syngas, but it remained relatively stable. 

Results from molecular simulation and thermodynamic modeling studies helped guide 

synthesis of various SEWGS sorbents. 

 

A techno-economic analysis of the SEWGS process, based on removing 90% of CO2 

from a 1,591 MWth (thermal input) Illinois No. 6 coal-based Integrated Gasification 

Combined Cycle (IGCC) plant, revealed that a SEWGS system which allows continuous 

sorbent transportation between adsorption and regeneration reactors is a competitive 

option for pre-combustion CO2 capture. The net energy efficiency of the IGCC+SEWGS 

plant is up to 79% higher and its cost of electricity (COE) is as much as 21% lower than 

an IGCC+Selexol unit. 
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EXECUTIVE SUMMARY 

 

The Illinois State Geological Survey at the University of Illinois at Urbana-Champaign 

(ISGS-UIUC) and URS Group, Inc. are developing a sorption-enhanced water-gas shift 

(SEWGS) technology that combines CO2 capture with the water-gas shift (WGS) 

reaction for coal gasification systems. The development of the SEWGS technology 

requires suitable sorbents to improve WGS efficiency, achieve high CO2 adsorption 

capacity, be regenerated at elevated pressure, and maintain a high cycling stability. The 

primary objectives of the project were to develop, synthesize, and evaluate suitable 

sorbent materials for SEWGS application and evaluate engineering and economic 

feasibility of implementing this technology. The project was supported by DOE/NETL 

and ICCI. 

 

The project had two phases. Phase I was from January 1, 2010 to August 31, 2011 and 

Phase II was from September 1, 2011 to September 30, 2013. Work accomplished in 

Phase I included thermodynamic modeling and molecular simulation studies of sorbents 

desired for SEWGS application, synthesizing 40 sorbents and measuring their 

capacities/reactivities, and designing and upgrading/fabricating two high temperature and 

pressure reactor (HTPR) systems for sorbent testing. A final report summarizing Phase I 

work was submitted to ICCI in August 2011. This report provides a summary of the work 

performed in Phase II. 

 

Molecular dynamics (MD) simulations with reactive field force (ReaxFF) were 

performed to study pore plugging and sintering phenomena and the role of inert dopants 

in CaO sorbents. Results revealed that the expansion of CaO particles during CO2 

adsorption resulted in sintering and a loss of reactivity. A general rule, based on the 

molar volume of inert materials and their reactivity with CO2 gas, was proposed as a 

screening tool for selection of dopants to lower the sintering phenomena of CaO. 

 

More than 20 CaO-based composite sorbents were synthesized via ultrasound spray 

pyrolysis (USP), flame spray pyrolysis (FSP), and mechanical alloying (MA) methods. 

These sorbents were tested for either 15 or 50 cycles of CO2 adsorption/calcination at 

650C for 30 minutes in pure CO2 and desorption/carbonation at 900C for 5 minutes in 

pure N2 using an atmospheric thermo-gravimetric analyzer (TGA). As summarized below, 

all synthesized composite sorbents demonstrated significantly improved capacity and 

stability for CO2 adsorption when compared with CaO alone: 

 

 Micron-sized CaO-based USP sorbents doped with Al2O3, Y2O3, ZrO2, SiO2, CeO2, 

or MgO, in either hollow or macro-porous morphology, were synthesized. Al2O3, 

Al2O3/SiO2, and SiO2 dopants were more effective in retaining the adsorption 

capacity of the sorbent over multiple cycles. A 25:75wt% Al2O3-CaO sorbent retained 

a capacity of ~0.40 g CO2/g sorbent after 50 cycles. The spent sorbent after 50 cycles 

still displayed a fast kinetic performance. 

 

 Non-porous nano-sized CaO-based FSP sorbents doped with ZrO2 and Al2O3 were 

synthesized. A 0.2 (molar ratio) ZrO2-CaO sorbent revealed no degradation and 
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retained a capacity of ~0.5 g CO2/g sorbent over 15 cycles. Increasing the ZrO2:CaO 

ratio to 1:1 further increased the multi-cyclic stability of the sorbent. The initial 

capacity of a 1:4 Al2O3-CaO USP sorbent was 0.64 g CO2/g sorbent and its CO2 

capacity loss was only ~6% over 15 cycles. 

 

 MgO-CaCO3 MA sorbents were synthesized by either wet or dry ball milling. The 

addition of 23wt% or 41wt% MgO in CaCO3 significantly improved sorbent stability. 

A wet milled 41wt% MgO-CaCO3 sorbent retained a CO2 capacity of ~0.4 g CO2/g 

sorbent after 50 cycles, the highest level achieved with the MA sorbents. 

 

Based primarily on their performances in TGA experiments, four sorbents (USP199, 

MA63, FSP25, and FSP32) were selected for HTPR testing. Parametric studies 

performed included 12 cycles of adsorption/desorption tests in a 10% CO2/90% N2 gas 

and a syngas mixture containing 10.2% CO2, 22.4% CO, 22.8% H2, and 44.6% H2O  with 

and without the presence of impurities (e.g., 0.5% H2S, 0.1% COS, 0.1% HCl, 0.1% NH3) 

representing a typical Illinois coal syngas.  Results are summarized as follows: 

 

 Sorbents generally had a higher CO2 adsorption capacity in syngas than in N2-CO2 

gas. The majority of CO2 capacity was reached in a short adsorption time (6-12 min). 

Addition of steam in the syngas played a positive role in stabilizing sorbent capacity. 

  

 The extent of CO to CO2 conversion in the presence of sorbents was close to the 

equilibrium conversion of SEWGS. 

 

 CO2 capacities of sorbents in syngas varied between 0.1 and 0.4 g CO2/g sorbent after 

12 cycles of adsorption/desorption. The presence of syngas impurities (H2S, HCl, 

NH3, COS) generally reduced sorbent capacity. 

 

 Sorbent USP199 (25:75wt% Ca12Al14O33:CaO) was selected for a long-term HTRP 

test of 50 cycles because its capacity was not affected by the presence of H2S in 

syngas. The capacity of USP199 appeared relatively low (0.05 g CO2/g sorbent), but 

stayed stable in a syngas environment through 50 cycles. 

 

A techno-economic analysis of the SEWGS process was performed based on removing 

90% of the CO2 from a 1,591 MWth (thermal input) Illinois No. 6 coal-based IGCC plant. 

The SEWGS process was simulated using Aspen Plus V7.3 and its costs were estimated 

using Aspen Icarus and proprietary databases at URS. Two approaches, a conservative 

SEWGS and a ‘regenerating boiler’ SEWGS, were assessed: 

 

 The conservative approach prevented the physical transportation of sorbent between 

adsorption and regeneration reactors and utilized supplementary natural gas to supply 

most of the heat required for sorbent regeneration. Twenty-four reactors (five for 

adsorption, five for desorption, and ten in transition with four spares) were required 

for the continuous operation. The net plant energy efficiency of the IGCC equipped 

with the conservative SEWGS was comparable to that of a conventional IGCC with 

Selexol for CO2 capture, but its cost of electricity (COE) was 22% greater. 
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 The regenerating boiler approach allowed for continuous transportation of sorbent 

between adsorption and regeneration reactors, recovered the heat of adsorption to 

generate turbine quality steam for electricity generation, and combusted a slipstream 

of H2 product gas to supply heat for sorbent regeneration. Five reactors in total were 

required for the continuous operation. Compared to a conventional IGCC with 

Selexol, net plant efficiency increased by 33-79% and COE decreased by 6-21%, 

depending on regeneration conditions. Compared to the IGCC without CO2 capture, 

the SEWGS system considered under this scenario resulted in a 15-38% COE 

increase, indicating that the SEWGS is a highly cost-competitive technology 

compared with other emerging pre-combustion CO2 capture technologies. 
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OBJECTIVES 

 

The Illinois State Geological Survey (ISGS) and the URS Group, Inc. located in Austin, 

TX are developing a sorption-enhanced water-gas shift (SEWGS) technology that 

combines CO2 capture with the water-gas shift (WGS) reaction for coal gasification 

systems. The primary objectives of the project were to develop, synthesize, and evaluate 

suitable sorbent materials for SEWGS application and evaluate the engineering and 

economic feasibility of implementing this technology. 

 

The project had two phases. Phase I was from January 1, 2010 to August 31, 2011 and 

Phase II was from September 1, 2011 to September 30, 2013. Work accomplished in 

Phase I included: (1) thermodynamic modeling of promising sorbents for the SEWGS 

application, (2) molecular simulation studies of sorbents with preferred morphologies and 

compositions to improve CO2 reactivity, (3) synthesizing 40 sorbents using mechanical 

alloying (MA), ultrasonic spray pyrolysis (USP), and flame spray pyrolysis (FSP), (4) 

screening sorbent reactivities using an atmospheric thermo-gravimetric analyzer (TGA), 

and (5) designing and upgrading/fabricating two high temperature and pressure reactor 

(HTPR) systems for sorbent testing.  

 

Phase II project tasks were as follows: 

 

Task 1 – Sorbent Engineering Analysis and Selection: Molecular dynamics (MD) 

simulations with reactive field force (ReaxFF) were performed to study pore plugging 

and sintering phenomena, the role of inert dopants, and the effect of H2S on CO2 

adsorption/desorption reactivity of CaO to guide the sorbent synthesis effort.  

 

Task 2 – Sorbent Synthesis and Characterization: Twenty custom-designed sorbents, 

mostly CaO-dopant composites, were synthesized using USP, FSP and MA approaches. 

CO2 adsorption and desorption performance of these sorbents were examined using an 

atmospheric TGA for up to 50 cycles. Select sorbents were characterized by x-ray 

diffraction (XRD), scanning transmission electron microscope (STEM), transmission 

electron microscope (TEM), and scanning electron microscope (SEM) analyses. 

 

Task 3 – Sorbent Evaluation Testing: One USP, one MA, and two FSP sorbents 

deemed optimal for SEWGS application were evaluated using the HTPR. Parametric tests 

investigated sorbent performance in a CO2/N2 mixture and a syngas mixture for 12 cycles 

of adsorption and desorption, the impact of impurities (e.g., H2S, COS, HCl, NH3) in a 

typical Illinois coal-derived syngas on CO2 capture performance, and optimal operating 

conditions (steam:CO ratio and adsorption temperature) of the SEWGS. A final sorbent 

was selected for a long-term test in a syngas mixture. 

 

Task 4 – Engineering Feasibility Study: A techno-economic assessment was conducted 

using available thermodynamic and experimental data to size major equipment, evaluate 

energy performance, and project costs of the SEWGS process installed on an IGCC plant 

using Illinois No. 6 coal. 
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INTRODUCTION AND BACKGROUND 

 

In a conventional integrated gasification combined cycle (IGCC) process, coal is gasified 

with steam to produce syngas (CO+H2) (see Figure 1). To produce a high purity 

hydrogen gas stream, the syngas is shifted to H2 and CO2 via the water-gas shift (WGS) 

reaction:  

CO (g) + H2O (g)   H2 (g) + CO2 (g)     (R1) 

The WGS reaction (R1) is exothermic. To increase the equilibrium conversion of CO to 

CO2, a multi–stage catalytic WGS reactor is used in the conventional IGCC system with 

its operating temperature decreasing from 400-450 C in the first stage to 180-200 C in 

the last stage. 
[1]

 Gas exiting the WGS unit is further cooled to about 0-40 °C prior to 

entering an absorption-based CO2 capture unit such as Selexol. 
[2]

 

 

 

 

 

 

 

 

 

Figure 1: Flow diagram of a conventional IGCC plant with CO2 capture. 

 
 

 

 

 
 

 

 

 

Figure 2: Flow diagram of IGCC plant with sorption-enhanced WGS. 

 

An alternative approach, SEWGS combines the WGS reaction with CO2 capture in a 

single process step
[3]

 (see Figure 2) where CO2 produced by the WGS reaction (R1) is 

simultaneously adsorbed onto a solid sorbent as follows: 

Sorbent (s) + CO2 (g)   Sorbent·CO2 (s)     (R2) 

Removal of the CO2 thus enhances the equilibrium conversion of CO to CO2. The spent 

sorbent is thermally regenerated (as shown in R3) to recover captured CO2 and then 

recycled to the adsorption column.  

Sorbent·CO2 (s)     CO2 (g) + Sorbent (s)     (R3) 

 

The SEWGS has a number of advantages compared to the conventional IGCC process for 

H2 production and CO2 capture, including the following:  
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 Single conversion stage: complete conversion of CO to CO2 can be achieved at 

high temperature (> 400 °C).  

 High conversion rate: achieving a higher CO conversion than limited by WGS 

reaction equilibrium reduces WGS steam requirements; subsequently increasing 

plant efficiency and enhancing operational flexibility of the IGCC system. 

 High energy efficiency: removing CO2 from the WGS gas at high temperatures 

close to the gas turbine inlet temperature eliminates the need for gas 

cooling/reheating.  

 Separate CO2 capture unit not required: SEWGS permits direct production of a 

CO/CO2-free H2 gas stream at the syngas pressure and eliminates the need for a 

separate CO2 separation process.  

 
Several studies have investigated CaO sorbents for the high-temperature SEWGS application. 

[1-6]
 

These studies concluded that calcite, dolomite, huntite, etc. tended to suffer considerable sintering 

problems after multiple adsorption and regeneration cycles, especially at high regeneration 

temperatures. Smirniotis’ group reported that zirconia–doped CaO nanoparticles exhibited good 

stability up to 1,200 cycles.
 [7,8]

 However, they regenerated sorbents at mild conditions of 700 °C. 

A more recent effort by Lee’s group showed satisfactory physical properties of MgO-based 

sorbents for SEWGS, but these sorbents had low adsorption capacities (no greater than 18 wt%). 
[9,10]

 Further development of the SEWGS process will require advanced sorbents that can 

improve WGS efficiency, achieve high CO2 adsorption capacity at high temperature, be 

resistant to syngas impurities, regenerate at elevated pressure, and maintain high cycling 

stability and integrity. This project aims to develop such sorbents and assess the 

engineering feasibility of the SEWGS process with advanced sorbents. 

 

EXPERIMENTAL PROCEDURES 

 

Sorbent Synthesis and Characterization 

 

More than 20 sorbents were synthesized using MA, USP, and FSP methods. Two mills, a 

vibratory ball mill (SPEX 8000M) and a planetary ball mill (Pulverisette 7), were used 

for dry and/or wet milling. An existing lab USP system, consisting of an ultrasound 

nebulizer, a heated pyrolysis furnace reactor, and a series of bubblers to collect the 

sorbent product, was used in preparing micron-sized USP sorbents. A lab FSP system 

fabricated in Phase I was used to prepare FSP sorbents. Details of the MA, USP, and FSP 

lab systems were described in the Phase I report. 
[11]

 

 

The multi-cyclic (carbonation/calcination) performances of synthesized sorbents were 

measured for up to 50 cycles using an atmospheric pressure thermogravimetric analyzer 

(TGA, Thermo Scientific VersaTherm). In a typical cycle, adsorption (carbonation) was 

performed at 650C for 30 minutes in 100% CO2 and desorption (calcination) at 900C 

for 5 minutes in 100% N2. Before and after each adsorption segment, the TGA chamber 

was purged with N2 for 5 minutes at the adsorption temperature. Both CO2 and N2 flow 

rates were kept at 50 SCCM throughout all experiments.  

 

Selected sorbents were analyzed using scanning electron microscope (SEM), scanning 

transmission electron microscope (STEM) and transmission electron microscope (TEM) 

http://en.wikipedia.org/wiki/Scanning_electron_microscope
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for morphology examination; X-ray diffraction (XRD) for crystallinity and grain size 

analysis; nitrogen adsorption for BET surface area measurement; and elemental analysis.  

 

Sorbent Evaluation Testing 

 

ISGS High Temperature Pressure Reactor (HTPR): The HTPR system shown in 

Figure 3 is rated to 800 psi at 800 C. The system consists of a gas supply/mixing line, a 

tube reactor, a furnace preheater, CO2/CO monitoring, and a control panel with mass flow 

controllers and associated valving and temperature and pressure indicators.  

 

 

Figure 3: Schematic and photograph of the HTPR system at ISGS. 

 

The tube reactor is a 316 stainless steel round-stock 19 inches in length and 0.25-in 

internal diameter (ID). The reactor is maintained at the desired temperature using an 

external furnace equipped with a temperature control unit. Gas flow rates on the feed line 

were controlled by mass flow controllers. The pressure of the system was controlled by a 

back pressure regulator downstream of the reactor. A high-pressure syringe pump (Nexus 

6000, Chemyx) was used to feed water upstream of the preheater. Water is vaporized to 

produce steam in the preheater before entering the reactor. A CO analyzer (Cambridge 

Sensotec, Model Rapidox 3100LB) and CO2 analyzer (Quantek Instruments, Model 906) 

measured CO and CO2 concentrations in the effluent line of the reactor. A steam trap and 

an in-line desiccant dryer were included in the effluent gas to condense water vapor 

before the gas entered the CO and CO2 analyzers. Flow rates, temperatures, pressures, 

and CO2 and CO concentrations were recorded using a computer. 

 

URS High Temperature Pressure Reactor (HTPR): The URS HTPR system was 

assembled expressly for this project to evaluate the proposed SEWGS process. A 

schematic and photograph of the HTPR reactor system are shown in Figure 4. The 

highlight of the HTPR system is a 40 mL, 0.52-in diameter (internal) HTPR reactor made 

of certified Incoloy. As much as 10 grams of solid sorbent can be tested in the reactor. 

The reactor was procured from Autoclave Engineers and was specified per ASTM 

standards to operate at conditions exceeding 1000 °C at 10 bar and 650 °C at 40 bar 

required for absorption and regeneration. 
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Figure 4: Schematic and photograph of the HTPR system at URS. 

 

A simulated gasified coal stream is generated by mixing various gas components using a 

series of mass flow controllers to achieve a desired composition. In the typical 

configuration, all of the major constituents present in synthesis gas except water vapor 

are included in a single gas cylinder (#10 in Figure 4). Minor constituents, or trace 

impurities such as HCl, H2S, COS and NH3, are added separately and from dedicated gas 

cylinders (#14-16). The system pressure is set by balancing the pressure from the gas 

cylinders via traditional pressure regulators, individual gas stream flow rates, and a set of 

backpressure regulators (#20-21) downstream of the reactor (#2). 

 

The CO2 concentration in the process gas is measured by sampling a slipstream using a 

two-channel, on-line CO2 analyzer (#8, Servomex Pro 1440D Light Industrial Gas 

Analyzer). This analyzer was also outfitted with a CO module for quantifying CO gas as 

it relates to WGS. The sorbent is contained in the HTPR reactor using a combination of 

mesh screens and inert, high temperature wool. The HTPR is heated with a clamshell 

heater (#1, Applied Test Systems Model 3210) capable of temperatures as high as 

1200 °C. The outlet process gas exits the reactor and is  quickly cooled by a recirculating 

chiller (#3, Polyscience LS51 M1 Compact Chiller) using a mix of ethylene glycol and 

water. A slipstream of the outlet process gas is sampled for measuring CO2 concentration 

using the second channel of the CO2 gas analyzer (#8). The HTPR system is controlled 

using a Rockwell Programmable Logic Controller (PLC) fabricated by Magnum 

Engineering and programmed by URS staff. 
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RESULTS AND DISCUSSION 

 

Molecular Simulation  

 

Molecular dynamics (MD) simulations with the reactive force field (ReaxFF) were 

performed in NVE ensembles to study sintering of CaO particles (2.4 nm in diameter) in 

the presence and absence of CO2. Simulation results revealed that expansion of CaO 

particles during CO2 adsorption resulted in sintering. Sorbent particles had more 

expansion, which resulted in more sintering, when the adsorption temperature was 

increased. A detailed analysis on atom spatial variations revealed that sorbent particles 

with a larger separation distance had a larger CO2 uptake because of less sintering 

incurred. The adsorption of CO2 on sintered CaO particles revealed that CaO particles 

sintered at high temperature tended to absorb less CO2 than those sintered at low 

temperature. The addition of MgO as a potential dopant/barrier material reduced the 

sintering of CaO during CO2 adsorption. 

 

Based on these results, a general rule was proposed for the selection of ‘barrier’ (dopant) 

materials to lower the sintering of CaO sorbent materials during multiple adsorption-

regeneration cycles. The rule is based on the molar volume of a material and its reactivity 

with CO2 molecules. This study provided some guidelines on synthesizing and/or 

selecting sorbents with less sintering effect for multiple CO2 adsorption and regeneration 

cycles. Details of the MD simulation study have been published 
[12]

 and thus are not 

provided in this report. 

 

Sorbent Preparation and Characterization 

 

USP Sorbents 

 

Various CaO-based composite USP sorbents doped with various inert barriers were 

synthesized as shown in Table 1. The dose of dopant was initially kept at 20wt% for all 

sorbents. Note that for the ZrO2- or Al2O3-doped CaO USP sorbents, the amount of ZrO2 

or Al2O3 is equivalent to 20wt% CaZrO3 or 20wt% Ca12Al14O33 in the sorbent. For other 

sorbents, dopant amounts are based on their oxide forms. 

 

Table 1: Inert oxides selected as additives in CaO-based sorbent synthesis. 

Sample 

Oxide Dopant/ Intermediate 

Dopant Precursor 
Oxide 

Melting Point 

(°C) 

MgO-CaO MgO 2,852 Mg(NO3)2·6H2O 

CaZrO3-CaO ZrO2 (in form of CaZrO3) 2,715 ZrOCl2·8H2O 

Y2O3-CaO Y2O3 2,425 Y(NO3)3·6H2O 

CeO2-CaO CeO2 2,400 Ce(NO3)3·6H2O 

Ca12Al14O33-CaO Al2O3 (in form of Ca12Al14O33) 2,050 Al(NO3)3·9H2O 

SiO2-CaO SiO2 (in form of Ca2SiO4) 1,600 Tetraethyl orthosilicate  
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The experimental procedure included dissolving precursors of calcium (Ca(NO3)2·4H2O) 

and an oxide dopant in ethanol. The total concentration of precursors (calcium and dopant) 

was kept at 0.25 M. Furnace temperature was set at 600 C (except 700 °C for Y2O3-CaO 

to ensure complete decomposition of the yttrium nitrate precursor) and Ar was used as 

the carrier gas flowing at 1SLPM. SEM-EDS micrographs indicated that Ca and dopant 

elements were uniformly distributed throughout particles (e.g., Y2O3- and Al2O3-CaO 

sorbents in Figure 5). The texture of sorbents featured solid spheres with rough surfaces. 

 

 

Figure 5: SEM-EDS of 2 USP sorbents: (a) Ca12Al14O33/CaO, and (b) Y2O3/CaO    

(Green color represents Ca and magenta represents Al in (a) or Y in (b)). 

 

CaO-based sorbents containing 20wt% Al2O3 (Ca12Al14O33-equivalent), MgO, Y2O3, SiO2 

(Ca2SiO4-equivalent), or Al2O3/SiO2 (Ca12Al14O33/Ca2SiO4-equivalent) dopants were 

tested for 50 cycles of calcination/carbonation using the atmospheric TGA. Sorbents 

doped with Al2O3 and Al2O3/SiO2 showed the highest CO2 capacity during 50 cycles of 

operation, as shown in Figure 6. Note that the adsorption time in the 50
th

 cycle was 

extended from 30 minutes to three hours to evaluate the impact of sorbent sintering on its 

reactivity. 

 

CO2 adsorption profiles during the 50
th

 cycle (CO2 adsorption for 3 hr) are plotted in 

Figure 7. Two distinct stages are observed. The rate of adsorption in the 1
st
 stage is an 

indication of how fast the adsorption reaction proceeds without significant transport 

limitations (i.e., kinetically limited, depends on the available surface area of unreacted 

CaO). The rate of CO2 adsorption in the 2
nd

 stage represents a physical phenomenon and 

is an indication of how fast the CO2 diffuses through a carbonate product layer (i.e., 

diffusion limited).  The SiO2-CaO, Al2O3-CaO, and Al2O3/SiO2-CaO sorbents showed 

comparable adsorption rates in the first stage. Because the cyclic time for CO2 adsorption 

in the SEWGS system is limited (e.g., 30 minutes or shorter), it can be concluded that the 

SiO2-CaO, Al2O3-SiO2-CaO and Al2O3-CaO sorbents performed equally well. 
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SEM images of raw and spent Ca12Al14O33-CaO and Y2O3-CaO sorbents show a 

noticeable increase in particle size after 15 and 50 cycles for both sorbents (see Figures 8 

and 9). These results indicate that these particular sorbents did not sufficiently resist 

sintering during the test. 

 

 

Figure 8: SEM images of Ca12Al14O33-CaO sorbent: (a) as synthesized, (b) after 15 cycles 

of carbonation/calcination, and (c) after 50 cycles of carbonation/calcination. 

 

 

Figure 9: SEM images of Y2O3-CaO sorbent: (a) as synthesized, (b) after 15 cycles of 

carbonation/calcination, and (c) after 50 cycles of carbonation/calcination. 

 

Figure 7: CO2 adsorption profiles of 

CaO-based sorbents with 20wt% 

dopants during the last (50
th

) cycle of 

the TGA test (3-hr adsorption starting at 

45 min and going to 225 min). 

 

 

Figure 6:  CO2 adsorption performances of 

CaO-based sorbents with 20wt% dopants 

during 50 cycles of adsorption/desorption. 

Adsorption time in the last cycle was 

extended from 30 min to 3 hr. 
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To examine the impact of the dopant dosage on long-term stability of the sorbent, the 

molar ratio of Al to Ca (an indication of Al content) was increased from 0.12 (i.e., 20:80 

wt% Ca12Al14O33:CaO) to 0.16 (i.e., 25:75 wt% Ca12Al14O33:CaO). The capacity of the 

0.16 Al-Ca sorbent was higher than the 0.12 Al-Ca sorbent after 50 cycles (see Figure 10). 

 

 
 

 

 

 

 

 

The reactivity of a 25:75wt% Al2O3-CaO sorbent after 50 cycles (spent sorbent) was 

compared to its fresh counterpart. Both sorbents were tested for CO2 adsorption at 650 C 

under pure CO2 for three hours (see Figure 11). Both displayed similar trends for CO2 

adsorption over time; CO2 adsorption proceeded rapidly in the first ten minutes (90% of 

capacity) and then slowed down appreciably. However, CO2 capacity of the spent sorbent 

was 17% smaller than that of the fresh sorbent. These results indicate that 50 cycles of 

adsorption/desorption resulted in lowering the sorbent’s capacity, but not its reactivity. 

 

FSP Sorbents 

 

Fifteen FSP sorbents were synthesized under different volumetric ratios of liquid 

precursor to xylene solvent (1:1 or 1:2), feed rates (0.5 to 2 ml/min), and molar ratios of 

dopant to Ca or Mg (0 to 2.5:10). Calcium naphthenate was used as a CaO precursor, 

zirconyl 2-ethylhexanonate as a zirconia precursor, magnesium 2-ethylhexanonate as a 

MgO precursor, and aluminum s-butoxide as an alumina precursor. BET surface areas of 

these sorbents ranged between 21 and 54 m
2
/g. TEM analysis revealed that sorbent 

particle size varied from 15 to 40 nm (TEM images not shown). XRD patterns of a fresh 

Zr2O3-CaO sorbent showed no crystallite peaks, indicating that deposition of precursors 

on the surface of sorbent particles might impede the XRD measurement. Calcination of 

the sorbent in a tube furnace at 800 C resulted in a considerable loss of weight, 

suggesting that precursor residues and/or CaCO3 were evaporated or decomposed. XRD 

patterns of the calcined sorbent reveal that a majority of ZrO2 dopant was present in the 

form of CaZrO3 (see Figure 12).  

Figure 10: CO2 uptake for 2 alumina-

containing CaO sorbents over 50 cycles of 

calcination and carbonation. Molar ratios 

of Al to Ca were 0.12 (20:80 wt%) and 

0.16 (25:75 wt%) Ca12Al14O33:CaO. 

Figure 11: CO2 adsorption performance 

of fresh and used (after 50 cycles) 

25:75wt% Al2O3-CaO sorbent during 50
th

  

cycle (3-hr adsorption starting at 45 min 

and going to 225 min). 
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Figure 12: XRD patterns of a Zr/CaO sorbent (precursor: solvent=1:1, fed at 1 ml/min). 

 

Carbonation/calcination stability of three Zr2O3-CaO sorbents (0 Zr/Ca, 0.1 Zr/Ca, and 

0.2 Zr/Ca, where 0, 0.1, and 0.2 represent Zr:Ca molar ratios) was evaluated using the 

TGA. Figure 13 shows they exhibited distinct degradation behaviors for CO2 adsorption 

while exhibiting complete calcination during each cycle. Degradation of CaO was 

significantly improved with the addition of ZrO2. The 0.2 Zr2O3-CaO sorbent was highly 

stable and its capacity remained at 0.5 g CO2/g sorbent (~91% CaO molar conversion) 

after 15 cycles. Although the 0.2 Zr2O3-CaO sorbent contained a less reactive component 

(CaO), its capacity was 2.4 times larger than that of 0 Zr2O3-CaO sorbent after 15 cycles.  

 

  

Figure 13: Carbonation/calcination of: a) 0, b) 0.1, and c) 0.2Zr2O3-CaO FSP sorbent.  

Adsorption at 650C for 30 min in 1 bar CO2; desorption at 900C for 5 min in 1 bar N2. 

(Black: % weight change (g CO2/g sorbent); Red: % CaO molar conversion). 

 

It is well known that CaO-based sorbents tend to degrade with increasing carbonation 

temperature. To confirm such a temperature effect, the carbonation temperature was 

increased from 650 C (see Figure 13) to 800
 
C (see Figure 14), and the adsorption time 

was shortened from 30 to 15 minutes. Results show that calcium utilization of the sorbent 

was relatively stable at ~85% during the 1
st
 five cycles, but decreased over the remaining 

10 cycles. The stability of a 1:1 Zr2O3-CaO sorbent was also tested under the same 

conditions. The sorbent capacity initially increased, and then slightly decreased and 

stabilized at about 40% calcium utilization at the end of the 15-cycle test (see Figure 14). 

It was expected that the 1:1 Zr/Ca sorbent would be more stable at a carbonation 

temperature of 650
o
C. 
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Figure 14: Stability of 2 Zr2O3-CaO FSP sorbents over 15 carbonation/calcination cycles. 

Carbonation: 800C for 15 min in 1 atm CO2; calcination: 900C for 5 min in 1 atm N2. 

 

CaO-based FSP sorbents doped with alumina at various Al/Ca ratios were also prepared. 

The cycling performance of a 1:4 Al2O3-CaO FSP sorbent (36wt% Ca12Al14O33) is shown 

in Figure 15. The capacity of this sorbent was 0.44 g CO2/g sorbent initially, but 

degraded by 25% after 15 cycles. 

 

 

Figure 15: Capacity of 1:4 Al2O3-CaO FSP sorbent over 15  adsorption/desorption cycles. 

Adsorption: 650C for 30 min in 1 bar CO2; desorption: 900C for 5 min in 1 bar N2. 

 

 

MA Sorbents 

 

The stability of several MA sorbents for 50 carbonation/calcination cycles was 

investigated using the TGA. Results are shown in Figure 16. These sorbents were 

prepared in Phase I of this project and included an as-received non-milled CaCO3, a wet 

(ethanol medium) planetary ball milled pure CaCO3, and two wet planetary ball milled 

MgO-CaCO3 sorbents (23:77 wt% and 41:59 wt% MgO:CaO)Figure . A comparison 

between the wet milled CaCO3 and commercial CaCO3 revealed a positive effect of wet 

milling alone on the sorbent stability. The addition of 23wt% MgO further improved 

sorbent stability for CO2 adsorption, especially during the first 20 cycles. By increasing 

MgO content to 41wt%, the sorbent retained most of its initial CO2 capacity up to 

approximately cycle 35 before it began to decay. These results indicate that wet milling 

along with addition of an inert additive (e.g., MgO) improved sorbent stability in 

extended operating cycles. 
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Figure 16: Performance of MA sorbents during 50 carbonation/calcination cycles. 

Carbonation: 650°C for 30 min in 100% CO2; calcination: 900°C for 5 min in 100% N2. 

 

The wet milled CaCO3 sorbents with 23 and 41wt% MgO were characterized with SEM 

(see Figure 17). Sintering of sorbent particles was evident from size increases observed; 

however, the degree of particle growth for the sorbent containing 41wt % MgO was less 

than that of the sorbent containing 23wt% MgO. XRD patterns (not shown) indicate that 

the size of CaCO3 crystallite increased from 15 to 37 nm after 15 cycles for the sorbent 

containing 41wt% MgO and from 19 to 46 nm for the sorbent containing 23wt% MgO. 

 

 

Figure 17: SEM images of wet-milled 23:77 wt% MgO:CaO sorbent (left column) and 

41:59 wt% MgO:CaO sorbent (right column): (a) fresh sample, (b) after 15 cycles,       

and (c) after 50 cycles. 
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Moreover, the effect of milling time on the CO2 uptake performance of the wet milled 

sorbent (MgO:CaO 23:77 wt%) during 50 cycles was examined.  The sorbent was milled 

for 1, 2, 4, and 6 hours before the CO2 cycling test. As illustrated in Figure 18, a 2-hr 

processing time proved to be the optimal treatment and led to the most stable 

performance over the course of 50 cycles.  As shown in Figure 19, the minimum particle 

size was achieved after two hours of milling. Shorter milling times did not sufficiently 

grind the material and longer milling times led to particle agglomeration. Carbonation 

and calcination rates were dependent upon particle size, which could explain the optimal 

milling time observed. 

 

 

Figure 18: Effect of milling time on CO2 adsorption performance of wet milled, 23:77 wt% 

MgO:CaO compared to non-milled, as-received CaCO3. 

 

 

Figure 19: SEM images of wet planetary ball milled sorbent (23:77 wt% MgO:CaO) after: 

(a) 1 hour, (b) 2 hours, (c) 4 hours, and (d) 6 hours of milling. 

 

0 5 10 15 20 25 30 35 40 45 50

0.0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

1 h

2 h

4 h

6 h

C
O

2
U

p
ta

k
e

 (
g

 C
O

2
 /
 g

 s
o

rb
e

n
t)

Cycle

CaCO3 as received



 18 

Sorbent Evaluation Testing in High Temperature and Pressure Reactors 

 

Sorbents Selected for HTPR Testing 

 

Sorbents for HTPR tests were selected based primarily on their performance in TGA 

experiments and analytical characterization. Because HTPR testing required a great deal 

of effort, only the following sorbents were tested:  

 

 Sorbent 1 - THO3, natural limestone (97 wt% dolomite) 

 Sorbent 2 - FSP25, 44:56 wt% CaZrO3:CaO (0.2 Zr/Ca, FSP method) 

 Sorbent 3 - USP199, 25:75 wt% meyenite:CaO (0.16 Al/Ca, USP method) 

 Sorbent 4 - FSP32, 1:4 Al:Ca (atomic ratio, FSP method) 

 Sorbent 5 - MA63, 23:77 wt% MgO:CaO (MA method)  

 

Note that Sorbent 1 was generally used for reactor characterization and miscellaneous 

studies.  Also, Sorbent 3 was ultimately chosen for long-term HTPR testing. 

 

Parametric Experiments 

 

CO2 Capacity Tests in CO2/N2 and Syngas: The four primary sorbents chosen for the 

parametric test matrix were first evaluated for their capacity in CO2/N2 (A1 Tests) and 

simulating syngas (A2 Tests) environments. Two slightly different test procedures were 

followed since these experiments were split between URS and ISGC. HTPR capacity 

testing at the URS followed the test matrix in Table 2; HTPR capacity testing at the ISGS 

followed the test matrix in Table 3 for 12 cycles of CO2 adsorption/desorption.  

 

Table 2: HTPR test matrix for FSP25 and USP199 sorbents at URS. 

 Test No. Sorbent Adsorption or SEWGS Regeneration 
A1.1 FSP25 

10% CO2/N2 
650°C, 40 bar, 

6 min 
Pure N2 purge 

1,000°C, 

<10 min A1.2 USP199 
A2.1 FSP25 10.2% CO2, 22.4% CO, 

22.8% H2, 44.6% H2O 
650°C, 40 bar, 

6 min 
Pure N2 purge 

1,000°C, 

<10 min A2.2 USP199 

 

 

Table 3: HTPR test matrix for FSP32 and MA63 sorbents at ISGS. 

 Test No. Sorbent Adsorption or SEWGS Regeneration** 
A1.3 FSP32 33% CO2/N2 

(150sccm) 
650°C, 12 bar   

(PCO2=4 bar), 12 min* 
Pure N2 purge 

(150 sccm) 
650-840°C, 12 bar, 

~90 min *** A1.4 MA63 
A2.3 FSP32 33% CO/H2O 

(300sccm) 
650°C, 12 bar   

(PCO2=4 bar), 20 min 
N2 purge       

(100 sccm) 
650-830°C, 12 bar, 

~90-100 min A2.4 MA63 
 * 30 min CO2 adsorption in Cycle 12 

 ** 16.7% H2O/N2 purge gas with a total flow rate of 120 sccm used for regeneration of MA63 

in 7
th
, 8

th
, and 9

th
 cycles for ~90 min 

 *** Sorbent regeneration included heating from 650 to 840°C, then cooling to 650°C for the 

next adsorption cycle 

 



 19 

Impurity Tests: Impact of H2S and H2S/HCl/NH3/COS: Impurity tests were performed 

in a synthesis gas matrix that included the addition of gas phase impurities according to 

Table 4. Adsorption operated at 600 psig and 650°C and regeneration operated at 

nominally the same total pressure and 1,000°C in a N2/H2O environment. The adsorption 

cycle was approximately six minutes long. 

 

Table 4:  Gas phase composition for impurity tests during adsorption. 

Gas Component 
Vol% for H2S Impurities 

(B3 Tests) 

Vol% for All Impurities 

(B4 Tests) 

H2S 0.6% 0.5% 

NH3 - 0.1% 

HCl - 0.1% 

COS - 0.1% 

CH4 - 0.5% 

CO2 10.2% 8.0% 

CO 22.3% 24.2% 

H2 22.3% 18.1% 

H2O 44.6% 48.4% 

Sorbent Test Number Test Number 

FSP25 (Sorbent 2) B3.1 B4.1 
USP199 (Sorbent 3) B3.2 B4.2 
FSP32 (Sorbent 4) B3.3 B4.3 
MA63 (Sorbent 5) B3.4 B4.4 

 

CO2 Capacity Results and Comparison of A and B Tests: Results can be seen more 

clearly when comparing the capacity of individual sorbents tested in different gas 

matrices, but otherwise under nominally the same conditions. Figure 20(a) compares CO2 

capacity as a function of cycle number for tests performed in CO2/N2 (A1.1), syngas 

(A2.1), syngas with H2S (B3.1), and syngas with all impurities (B4.1) for FSP25. The 

sorbent had a higher capacity in syngas (10.2% CO2, 22.4% CO, 22.8% H2, 44.6% H2O) 

than in CO2/N2 (10% CO2 and 90% N2). Capacities were generally lower in syngas with 

impurities (B3.1 and B4.1) than in syngas alone (A2.1). The lowest capacity was 

measured when all impurities were present (B4.1). Note that the partial pressure of CO2 

for all experiments is nominally the same (~4 bar), so differences in capacity should be 

attributable to differences in the gas matrix.  The spread in the data seen in Figure 20(a) is 

the result of difficulty controlling the pressure and gas flow rates during the experiment 

and not likely due to the sorbent itself. 

 

Figure 20(b) shows that USP199 also had a higher capacity in syngas (A2.2) than in 

CO2/N2 (A1.2) and the presence of H2S did not impact the sorbent’s performance over 

twelve cycles (B3.2); however, the capacity appeared to be adversely affected by the 

presence of all impurities (B4.2). All factors considered, the working capacity of USP199 

sorbent (0.2 g CO2/g sorbent) was very satisfactory. 

 

FSP32 sorbent was tested in CO2/N2 and syngas (A1 and A2 Tests) at ISGS and with 

impurities (B3 and B4 Tests) at URS at slightly different conditions (see Figure 20(c)). 
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The capacity of FSP32 sorbent when H2S was present (B3.3) was slightly higher initially 

(0.48 g CO2/g sorbent) than in either CO2/N2 (A1.3) or syngas (A2.3), but that did not last 

beyond the first cycle. The initial capacity of the sorbent when all impurities were present 

began at a lower value (0.30 g CO2/g sorbent) and continued to fall. The test with all 

impurities present (B4.3) was truncated after 8 cycles due to low capacity and problems 

with the experimental apparatus. In summary, FSP32 sorbent did not perform well in the 

presence of H2S or other impurities in the syngas. 

 

Results were similar for MA63 sorbent as shown in Figure 20(d). Both the test with H2S 

(B3.4) and the test with all impurities (B4.4) resulted in lower capacity than with CO2/N2 

(A1.4) and syngas alone (A2.4). Note that in the 7
th

, 8
th

, and 9
th

 cycles in A2.4, the 

regeneration was performed at 2-bar water vapor partial pressure and results suggested 

that the presence of water vapor helped maintain stability of this sorbent. Although the 

conditions were different (total pressure was lower for A1.4 and A2.4 performed at ISGS 

compared to B3.4 and B4.4 performed at URS), it appeared that the CO2 capacity of 

MA63 sorbent was significantly lower when impurities are present (final capacity ~0.2 g 

CO2/g sorbent). However, compared with other sorbents, the CO2 capacity of MA63 

sorbent remained stable with H2S and with all impurities through 12 cycles. 

 

 

 

Figure 20: CO2 capacity tests for: (a) FSP25; (b) USP199; (c) FSP32l; (d) MA63 sorbents. 

(a) (b) 

(c) (d) 
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It is interesting to note that the sorbents generally performed better in syngas than in N2-

CO2 gas (Tests A2 versus A1) at an equal partial pressure of CO2 in each gas. It is thus 

speculated that steam in the syngas helped sorbent performance. This agrees with reports 

in the literature that show sorbents can be reactivated by intermediate hydration with 

water vapor. 
[13]

 Results confirmed that the absorption reaction was fast and a majority of 

the maximum CO2 capacity was reached within the six to twelve minute adsorption time. 

 

USP199 sorbent had a higher and more stable working capacity throughout tests in both 

syngas matrices with or without H2S than the other sorbents tested. However, the 

capacity of this sorbent significantly decreased when all impurities were present. It is not 

known which impurity or combination of impurities caused this decrease in performance, 

though H2S did not seem to significantly affect performance. Testing outside of the scope 

of the current project could systematically isolate each impurity and identify the 

problematic component(s). 

 

SEWGS Performance of A2 Tests: In the SEWGS process, two parallel reactions occur.  

CO in syngas reacts with H2O to produce a mixture of CO2 and H2 and CO2 is adsorbed 

onto the sorbent. The net result is a higher yield of H2 than achieved with the WGS 

reaction alone, and potentially a CO- and CO2-free gas is generated if the rate of the 

carbonation reaction (CO2 adsorption) is faster than that of the WGS reaction. Figure 21 

represents the typical concentration profiles of CO in the effluent gas at 650°C with and 

without sorbent MA63. The area between the two CO profile curves represents the excess 

amount of CO that was converted to CO2 in the presence of the sorbent. On average, 

there was a 27-second delay in CO appearance in the effluent gas between the SEWGS 

test and the blank test (no sorbent). This translates to an additional 45 ml of CO 

converted during the SEWGS test. This amount of CO conversion agrees with the 

corresponding amount of CO2 (~42 ml) captured by the sorbent, suggesting that most of 

the CO was converted to CO2 in the SEWGS process. 

 

 

Figure 21: CO concentration profiles during SEWGS at 650°C. Black curve is for MA63 

at the 11
th

 cycle of SEWGS; green curve is for blank test without sorbent. 
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As shown in Figure 21, the CO conversion reached nearly 100% at 650°C in the presence 

of the sorbent (no CO was detected in the effluent gas during the CO2 adsorption), 

indicating the SEWGS system (CaO+CO+H2O=CaCO3+H2) approached the theoretical 

equilibrium conversion (~100%). In the absence of the sorbent, the measured steady-state 

CO conversion was 47% versus the theoretical equilibrium conversion of 77%, indicating 

that only about 61% of the theoretical conversion was achieved without the sorbent.  

Such a difference in CO conversion (~100% with the sorbent vs. 47% without the sorbent) 

clearly demonstrated a significant enhancement effect of the sorbent on the WGS reaction.  

 

Adsorption Parametric Tests: Impact of Temperature (C5 Tests): Experimental 

conditions of C5 tests were the same as A2 tests presented in Table 3 except that 

adsorption temperature was 550°C and regeneration was carried out without water vapor 

present. In general, CO2 capacities of both FSP32 and MA63 sorbents at 550°C (see 

Figure 22) were slightly greater than those measured at 650°C (A2.3 in Figure 20(c) and 

A2.4 in Figure 20(d)). MA63 sorbent maintained its initial capacity of 0.45 g CO2/g 

sorbent over twelve cycles; however, similar to results of CO2 adsorption at 650C, the 

capacity of FSP32 sorbent decreased as the number of cycles increased; the capacity was 

less than 0.30 g CO2/g sorbent after twelve cycles. 

 

Overall, the difference in capacity between 550°C and 650°C for FSP32 and MA63 

sorbents was not significant. Because there are no appreciable gains in sorbent 

performance and the temperature gap between adsorption and desorption would be larger 

at the lower adsorption temperature, it is recommended to perform SEWGS at 650°C. 

 

 

Figure 22:  Capacity of CO2 adsorption at 550°C: (a) FSP32; (b) MA63                       

(Red lines indicate 0.4 g CO2/g sorbent capacity level). 

 

Adsorption Parametric Tests: Impact of Steam:CO Ratio (C6 Tests): Tests were 

performed using FSP25 and USP199 sorbents with varying steam:CO ratios (C6 tests). 

The gas matrix was the same as presented in Table 4 without H2S or other impurities. CO 

to CO2 conversion with or without the sorbent was measured. Steam:CO ratios adopted in 

each cycle and the resultant CO to CO2 conversion for FSP25 sorbent are plotted in 

Figure 23(a). The CO to CO2 conversion generally decreased with decreasing steam:CO 
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ratio through the first seven cycles. After the 7
th

 cycle, the sorbent continued to adsorb 

CO2 and the conversion fell to less than 5%. CO to CO2 conversions of about 5% were 

obtained with USP199 sorbent (see Figure 23(b)).  

 

 

Figure 23: Steam:CO ratio tests using: (a) FSP25 and (b) USP199. 
 

Long-term Test of USP199 Sorbent (D7 Test): Results for long-term testing of USP199 

(Sorbent 3) are shown in Figure 24. The sorbent was cycled using syngas without 

impurities during adsorption at the same gas composition for A2 tests (see Table 2). 

Regeneration was performed with water vapor along with N2 carrier gas, similar to that 

for impurity tests (B3 and B4). 

 

 

Figure 24: Long-term cycling of USP199 (Sorbent 3) in HTPR under syngas. 

 

It is apparent that the capacity was not as high as shown in Figure 20(b) (Test A2.2, red 

curve). The sorbents tested in A2.2 and D7 were prepared in different batches and it is 

possible that subtle variations in sorbent properties caused the difference in observed 

capacity. 

 

On the other hand, capacity stabilized at approximately 0.05 g CO2/g sorbent after ten 

cycles.  This is encouraging because if the capacity is relatively stable in Cycles 10 

through 50, then USP199 sorbent previously tested in Figure 20(b) may have stabilized at 

~0.3 g CO2/g sorbent. Thus, while the absolute capacity for the long-term test with 

USP199 sorbent is somewhat low, the stability of the CO2 capacity is promising. 

 

(a) (b) 
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Techno-Economic Analysis 

 

The techno-economic analysis of the SEWGS system conducted for this project was 

based on removing 90% of the CO2 from a 1,591MWth (thermal input) Illinois No.6 

coal-based IGCC plant per Case 6 of DOE’s Cost and Performance Baseline for Fossil 

Energy Plants
[14]

 where the Selexol plant and the WGS reactor requirement were replaced 

by the SEWGS process. Two SEWGS process design approaches were evaluated: a 

conservative SEWGS concept as the base case and a ‘regenerating boiler’ concept as an 

advanced case. 

 

Description of SEWGS Process 

 

The SEWGS process requires specific features for operating the WGS+CO2 capture step 

and the sorbent regeneration step. Requirements include: 1) removing excess heat 

generated during CO2 adsorption and the WGS reaction, 2) operating at elevated pressure 

and temperature, 3) providing adequate contact between the sorbent and the syngas to 

ensure effective mixing and allow a sufficient time for CO2 adsorption, 4) regenerating 

the sorbent, and 5) separating any entrained sorbent particles from the product gas (H2) in 

adsorption reactors or from the purge gas in regeneration reactors. 

 

A fixed-bed reactor design is not deemed the best for the SEWGS process because it is 

very limiting in its ability to control reaction temperature and it inherently requires 

installation of spare reaction vessels to accommodate regeneration of the sorbent. In 

comparison, a fluidized-bed reactor, like a Fluidized Catalytic Cracking (FCC) unit, 

operates with many of the required features for the SEWGS process. Thus, a fluidized- 

bed reactor was adopted for the SEWGS process in both cases. 

 

Base Case  Traditional Engineering Approach: A process flow diagram (PFD) of the 

SEWGS process based on a traditional engineering (i.e., conservative) approach is 

presented in Figure 25. This approach ensures a process that is technically achievable 

today, albeit economic viability is still a challenge.  

 

Sorbents are nano-engineered CaO solids doped with inert metal oxides to increase 

resistance to sintering. These sorbents can be pelletized into the required shape and size. 

Upon reaction with CO2, CaCO3 is formed. Spent sorbent is regenerated in a calcining 

process with a steam purge. The released CO2 enters a cooler and a separator to reduce 

water vapor content of the gas before being compressed and conditioned for injection in 

downstream processing steps.  

 

Cooling water is used to remove the heat of adsorption from the carbonation reaction to 

produce steam. This steam passes through a steam heater by using supplementary natural 

gas (NG) and is then used in the regenerating reactor to provide the heat needed to desorb 

CO2 and regenerate the sorbent. The steam that is discharged as heating tube effluent 

from the regeneration reactor is ultimately reused in the IGCC or SEWGS facility, and is 

accounted for in the economic analysis. Specific heat integration is beyond the scope of 

this study; thus, the ultimate use of the steam was not considered. 
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Figure 25: PFD of the conservatively designed SEWGS process. 

 

In the base case, the FCC is taken as an ideal model for SEWGS reactors, but a 

conservative approach is adopted: i.e., the sorbent is fluidized in reactors but is not 

transferred between adsorption and regeneration reactors for alternate operations. The 

proposed reactor concept is thus to have a set of reactors adsorbing while a second set of 

reactors are regenerating. These reactor sets would switch between adsorption and 

regeneration. Sufficient time required for thermal management and accommodating any 

necessary changes in process conditions during transition is included.  

 

Advanced Case − Regenerating Boiler Approach: A regenerating boiler process 

concept is proposed to provide a pathway by which CO2 capture goals may be achieved 

despite technical challenges. The general PFD of this approach is shown in Figure 26. 

 

In this approach, dedicated adsorption and regeneration reactors are specifically designed 

such that the sorbent is transported between them. This arrangement reduces the overall 

number of reactors due to reduced cycling and transition times. The heat of adsorption 

reaction is used to generate turbine quality steam. Water used to remove the heat of 

adsorption is pressurized such that cooling media effluent is of a quality that it can be 

used to feed a steam turbine, thus enhancing power output from the IGCC. The 

adsorption reactor is conceptually a fluidized-bed integrated with a tube heat exchanger. 

Spent sorbent is continuously cycled from adsorption reactors to desorption reactors 

where energy required to regenerate the sorbent is supplied by combustion of H2 with a 

high purity O2. The H2 stream is a slipstream of shifted syngas while the O2 is generated 

in an air separation unit (ASU). The hot effluent gas from the regenerating boiler contains 

R-101/120
Reactor 

(Reaction Mode)

E-101/120
Steam Heater

H2 Fuel

FILENAME

OPTIONS PFD, REV 1.VSD

DATE

9/20/2001

DRAWN BY

JENNY DAVILA

LEGEND

SEWGS SYSTEM PFD – OPTION B

CLIENT/SITE

TRIGEANT - CORPUS CHRISTI, TX

PAGE

FIELD

SCALE

NONE

CONFIDENTIAL
THE ONLY AUTHORIZED USE OF THIS INFORMATION IS BY PERSONNEL RECEIVING THIS PROPOSAL FOR THE SOLE PURPOSE OF 

EVALUATING THE SEWGS PROCESS. TRANSMITTAL TO THIRD PARTIES AND ALL OTHER USES ARE FORBIDDEN.

FILENAME

Options PFD, Rev 1.vsd

DATE

01-22-2013

DRAWN BY

JD

CLIENT/SITE

DRAWING NUMBER

1 OF 1
SCALE

NONE

INQUIRY NUMBER

FIT

URS Corp.
9400 Amberglen Blvd. 

Austin, Texas 78729

Syngas

IP Steam

SEWGS SYSTEM – Option B

CW

R-121/140
Reactor

(Regeneration Mode)

CO2

Heat Medium 
Supply

Heat Medium 
Return

TIC

LP Steam

HP Steam

CL-101/120
Reactor’s Cyclone

CL-101/120
Reactor’s Cyclone

E-201/220
CO2 Cooler

Water

V-201/220
CO2 Separator



 26 

mostly CO2 and steam. Some of the heat of combustion is recovered to generate turbine 

quality steam.  

 

 

Figure 26: Simplified PFD of the regenerating boiler SEWGS process  

with a single pair of adsorber and regenerator reactors. 

 

Five different cases were evaluated. All of these cases operate under the same adsorption 

parameters, but are differentiated by sorbent regeneration conditions, described as 

follows: 

 

 Case A: T = 800°C, PCO2 = 0.8 bar 

 Case B: T = 860°C, PCO2 = 1bar 

 Case C: T = 900°C, PCO2 = 1.9 bar 

 Case D: T = 1,075°C, PCO2 = 15 bar 

 Case E: T = 1,165°C, PCO2 = 20 bar 

 

The SEWGS sorbent should be either chemically resistant to syngas impurities (e.g., H2S, 

COS, HCl, NH3) or impurities can be recovered from the sorbent by a regeneration 

process. An alternative option is a pre-treatment step to remove impurities before syngas 

enters the SEWGS reactor. For both the conservative approach and the regenerating 

boiler approach, the techno-economic analysis assumes that sulfur species are adsorbed 

onto the sorbent and regenerated along with the CO2 gas stream. Downstream cleanup of 

the CO2 gas stream is needed to further remove sulfur species.  The DOE Case 6 Claus 

unit was referred to in estimating the related cost. 
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Process Simulation 

 

Aspen Plus V7.3 was used to model the SEWGS process. Thermodynamic properties 

were calculated by the Predictive Redlich-Kwong-Soave (PSRK) and the IDEAL 

property methods. The simulation was based on assumptions of: 1) an inlet syngas 

(composition and flow rate) per Stream 13, described in Exhibit 3-88 of the DOE Case 6 

Stream Table, 
[14]

 2) 98.5% CO to CO2 conversion and 90% of total CO2 capture, 3) a 

CO2:CaO (sorbent) ratio of 0.2 lb/lb (conservative approach) or 0.3 lb/lb (regenerating 

boiler approach), 4) a total H2O:CO molar ratio of 1.5, and 5) a total H2O (steam for 

regeneration):CaCO3 molar ratio of 0.1. Results obtained from the simulation were used 

to determine operating and design conditions, process heat and mass balance (H&MB), 

equipment design, requirements for plant utilities, and preliminary economic estimates. 

 

Major Equipment Sizing 

 

Traditional Engineering Approach: The size of the SEWGS reactor(s) is dictated by 

required sorbent volume while accommodating: 1) heat exchange tubes necessary to 

remove the heat of adsorption (or provide the heat to regenerate the sorbent, whichever is 

greater), and 2) the cyclone needed to eliminate entrained sorbent from exiting the reactor. 

A schematic of the reactor is shown in Figure 27. The following parameters and 

assumptions were used to calculate SEWGS reactor volume: 

 

 Sorbent capacity of 0.2 g CO2/g sorbent. 

 60 minutes reaction or transition time for a single reactor (i.e., 240 minutes for each 

cycle of adsorption-transition-desorption-transition). 

 Per process modeling, 1,063,143 lb CO2 removed per hour requiring 5,315,715 lb 

sorbent for the adsorption operation (1,063,143 lb CO2/0.20 lb CO2/lb sorbent). 

 Maximum heat exchange area for water/steam is 114,328 ft
2
 (per process modeling). 

 Assume actual volume losses for 2-in diameter heat exchange tubes spaced at 1-ft. 

 Calculated cyclone height is 16-ft; actual lost height due to inclusion of cyclone in 

reactor vessel assumed to be 5.3-ft. 

 With 5 reactors online adsorbing, reactor size is 28-ft in diameter by 42-ft in height 

(tangent to tangent height). 

 Density of fluidized sorbent after accounting for heat exchange tubes and cyclone is 

644 kg/m
3
. 

 Resulting gas residence time in an adsorbing reactor is 6 minutes. 

 

With a baseline of five reactors as described above, at any given time, five reactors are 

adsorbing CO2, five reactors are regenerating sorbent, five reactors are transitioning from 

adsorption to regeneration, and five reactors are transitioning from regeneration to 

adsorption. Including 20% spares, this results in 24 reactors.   
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Figure 27: Schematic of SEWGS reactor for the traditional engineering case. 

 

Sizing of other major equipment was developed based on results obtained from Aspen 

modeling. Table 5 tabulates the major equipment necessary for the SEWGS, including 

spares where appropriate. All equipment listed in the table is carbon steel unless 

otherwise noted. 

 

Table 5: Equipment, design conditions, and quantities for traditional engineering case. 

No. Equipment Type Design Condition 
Operating 

Quantity 
Spares 

Unit 

Price 

(k$) 

2007 Cost 

(k$) 

1 
CO2 

Cooler 

Cooling 

Towers 

22 MMscfd, 25 HP 

31,721,600 Btu/hr 

(7 ft W x 14 ft L) 

10 2 243 2,918 

2 
CO2 

Separator 

Vertical 

Vessel 
8 ft ID by 22 ft H 10 2 92 1,101 

3 Cyclones 
Gas/Solid 

Cyclones 

4,315 cfm 

4 ft ID x 16 ft H 
20 4 655 15,726 

4 Reactors 

High 

Pressure/ 

Temperature 

28 ft D x 42 ft H 

139 MMscfd and 

1,087 gpm 

650psia, 1,750°F 

(design) 

20 4 912 21,885 

5 
Sorbent 

Blower 

Fans and 

Blowers 

86 cfm, 66 HP 

Atmospheric pressure 
10 0 14 144 

6 
Sorbent 

Hopper 

Horizontal 

Vessel 

40 ft ID x 50 ft H 

Atmospheric pressure 
10 0 263 2,633 

7 
Steam 

Heater 

Shell & Tube 

Exchanger 

270 MMscfd 

232,078,000 Btu/hr 
10 0 1,541 15,406 

Subtotal Equipment, k$ 59,813 

Materials, k$ 86,522 

Labor, k$ 83,659 

Total Bare Elected Cost (BEC), k$ $229,993 
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Advanced Regenerating Boiler Approach: Major pieces of equipment and their sizes 

are tabulated in Table 6 and all equipment is carbon steel except the adsorption and 

regeneration reactors and the heat exchange equipment downstream of the regeneration 

reactors. These pieces of equipment, which will experience higher temperatures and 

pressures, are lined with a refractory brick to insulate and dissipate heat and protect metal 

surfaces. The O2 compressor is only required for Cases D and E where sorbent 

regeneration occurs at a higher pressure than the O2 from the ASU. Major assumptions 

specific to the regenerating boiler SEWGS include: 

 

 Sorbent capacity of 0.3 g CO2/g sorbent at a price of $1,032/ton. 

 Six reactors (5 operating, 1 spare) are used. The total reactor size was estimated based 

on the sorbent capacity, required heat exchange area, and gas residence times. 

 The initial sorbent load is 3.544 Mlb per reactor based on the assumed sorbent 

capacity. For six reactors, this translates to 10,632 tons. 

 The daily makeup rate of sorbent is 121 tons/day assuming four effective change-outs 

per year per reactor. 

 

Table 6: Equipment, design conditions, and quantities for regenerating boiler cases. 

No. Equipment Type Design Condition 
Operating 

Quantity 
Spares 

1 

Adsorbers 

(including 

cyclones) 

High 

temperature, 

pressure vessel 

24 ft D x 35 ft H 

139 MMscfd and 952 gpm 

580 psia, 1,225°F 

5 1 

2 

Regenerator 

(including 

cyclones, case 

specific) 

Regenerating 

Boiler 

14 ft D x 26 ft H 

A: 9 MMscfd, 20 psia, 1,495°F 

5 1 

B: 12 MMscfd, 20 psia, 1,605°F 

C: 15 MMscfd, 40 psia, 1,675°F 

D: 27 MMscfd, 395 psia, 1,990°F 

E: 35 MMscfd, 570 psia, 2155°F 

3 

CO2 

Compressor 

(case specific) 

Integrally 

geared, multi-

stage centrifugal 

A: 44 MMscfd @ 2,215 psia 

5 1 

B: 44 MMscfd @ 2,215 psia 

C: 42 MMscfd @ 2,215 psia 

D: 35 MMscfd @ 2,215 psia 

E: 27 MMscfd @ 2,215 psia 

4 

O2 

Compressor 

(case specific) 

Integrally 

geared, multi-

stage centrifugal 

D: 9 MMscfd @ 359 psia 
5 1 

E: 29 MMscfd @ 524 psia 

5 

Heat 

Exchanger I, 

CO2 stream 

(case specific) 

Shell & Tube 

Exchanger 

A: 48 MMscfd, 38 gpm, 27 MMBtu/hr 

5 1 

B: 52 MMscfd, 51 gpm, 37 MMBtu/hr 

C: 55 MMscfd, 60 gpm, 44 MMBtu/hr 

D: 67 MMscfd, 111 gpm, 80 MMBtu/hr 

E: 74 MMscfd, 144 gpm, 105 MMBtu/hr 

6 

Heat 

Exchanger II, 

CO2 stream 

(case specific) 

Air cooling fans 

A: 48 MM scfd, 60 MMBtu/hr 

5 1 

B: 52 MM scfd, 71 MMBtu/hr 

C: 55 MM scfd, 82 MMBtu/hr 

D: 67 MM scfd, 118 MMBtu/hr 

E: 74 MM scfd, 139 MMBtu/hr 

7 Sorbent mover Screw conveyor 3,543 lb/hr, 57 cfm 5 1 

8 Sorbent hopper Vessel 20 ft ID x 40 ft H 5 0 
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The ASU, steam turbine, and gas combustion turbine were sized to accommodate case 

specific flows. Revised capacities for these items are presented in Table 7.  Note that the 

flow rate of steam entering the turbine is increased by: (a) the energy heat from the 

SEWGS adsorption reactor and (b) the heat recovered downstream of the regeneration 

reactor, but lowered by (c) the reduced combined cycle steam produced at the gas 

combustion turbine. The gas turbine capacity is also reduced by the H2 slipstream 

necessary to heat the regeneration reactor, and the ASU capacity is increased by a similar 

amount to supply the O2 needed for combustion. 

 

Table 7: Sizing information for regenerating boiler cases. 

Item Case A Case B Case C Case D Case E 

ASU (lbmol/hr O2 generated) 12,028 12,714 13,190 15,421 16,809 

Steam Turbine (lb/hr@1815 psia, 1000°F) 3,489,255 3,477,686 3,470,194 3,453,665 3,449,721 

Gas Turbine (lbmol/hr H2) 32,887 31,518 30,545 26,115 23,413 

 

Capital and O&M Costs 

 

The cost analysis includes details of the IGCC plant and closely mimicked Case 6 from 

the DOE Report,
[14]

 except the Selexol system and WGS reactors were replaced by the 

SEWGS reactor system. The majority of costs for the SEWGS system were estimated 

using Aspen Icarus. Additional cost databases for commodity items developed at URS 

through experience pricing capital projects were referenced for materials such as pipe, 

manual valves, and instrumentation. Installation costs were estimated using an 

approximated construction schedule based on the scope of the project and assumed labor 

rates for the Midwestern US. These costs were combined with Case 6 from the DOE 

NETL CO2 Capture report as appropriate. 
[14] 

 

Traditional Engineering Approach: Table 8 summarizes capital costs and Table 9 

summarizes operating and maintenance (O&M) costs of an IGCC with SEWGS. Major 

assumptions used in this cost analysis include: 

 

 Sorbent cost is estimated to be $1,032/ton based on a 75:25 Ca:Al USP sorbent, an 

average USP energy use, and estimates for raw feedstock and transportation. 

 Five reactors are online for the adsorption operation at any given time requiring a 

total of 5.32 MM lb of sorbent. To load all 20 reactors requires 21.3 MM lb sorbent 

(5.32 MM lb  4) at an estimated cost of $11M. 

o Assuming sorbent is replaced four times per year to account for capacity 

degradation, the annual sorbent cost is $44M. 

o It is assumed that the sorbent reversibly adsorbs sulfur species and that a Claus 

unit is used to treat the CO2 gas stream downstream of the SEWGS process. 

o Each reactor undergoes six adsorption cycles per day, or 1,752 cycles per year 

at 80% capacity. 

 Sorbent disposal costs are estimated at $75/ton, including transportation costs (non-

hazardous waste). 
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 Maintenance labor and maintenance material costs are estimated based on a 

percentage of total plant cost (TPC). A value of 1.09% is used for labor and a value of 

2.07% is used for materials. 

 The DOE Report estimates only one additional full-time equivalent (FTE) for IGCC 

plants with CO2 capture versus those without.
[14]

 This is considered unrealistic, so 

additional labor is estimated at four FTEs for the SEWGS case. 

 Capital costs for CO2 compression are assumed to be the same as for Case 6 of the 

DOE Report. 
[14]

 

 Preserved the 300 acre assumption per DOE Report for an IGCC with CO2 capture. 

 An Engineering Fee of 9.27% is used. 

 A 30% process and 30% project contingency are applied to the SEWGS capital 

equipment.   

 

Table 8: Capital costs of different IGCC+SEWGS cases (k$, 2007$). 

 
Conserv. 

Base Case 

Advanced Regenerating Boiler 

Case A Case B Case B Case D Case E 

1. Coal and sorbent handling 35,700 35,700 35,700 35,700 35,700 35,700 

2. Coal and sorbent prep. & feed 179,611 179,611 179,611 179,611 179,611 179,611 

3. Feedwater & Misc. BOP systems 35,530 35,530 35,530 35,530 35,530 35,530 

4. Gasifier & accessories 567,389 598,859 612,549 622,047 666,568 694,266 

5. Gas cleanup & CO2 compression       

Element sulfur plant 32,698 32,698 32,698 32,698 32,698 32,698 

Hg removal 3,419 3,419 3,419 3,419 3,419 3,419 

Blowback gas systems 3,519 3,519 3,519 3,519 3,519 3,519 

Fuel gas piping 1,815 1,815 1,815 1,815 1,815 1,815 

HGCU foundation 1,926 1,926 1,926 1,926 1,926 1,926 

SEWGS 416,405 589,368 589,402 594,943 636,778 652,958 

CO2 compression & dryer 37,154 37,154 37,154 34,581 18,734 15,383 

6. Combustion turbines/accessories 132,790 121,084 116,045 112,464 96,151 86,205 

7. HRSG, ducting & stack 57,646 57,646 57,646 57,646 57,646 57,646 

8. Steam turbine generator 54,897 161,919 161,382 161,034 160,267 160,084 

9. Cooling water system 36,193 36,193 36,193 36,193 36,193 36,193 

10. Ash/spent sorbent handing sys 35,445 35,445 35,445 35,445 35,445 35,445 

11. Accessory electric plant 86,193 86,193 86,193 86,193 86,193 86,193 

12. Instrumentation & control 26,825 26,825 26,825 26,825 26,825 26,825 

13. Improvements to site 19,281 19,281 19,281 19,281 19,281 19,281 

14. Buildings& structures 17,481 17,481 17,481 17,481 17,481 17,481 

Total plant costs 1,781,917 2,081,666 2,089,813 2,098,351 2,151,780 2,182,178 

Preproduction costs 64,910 71,362 71,599 71,847 73,398 74,281 

Inventory capital 31,671 31,592 31,635 31,679 31,954 32,111 

Others (initial catalyst, land, etc.) 329,612 380,451 381,893 383,404 392,861 398,241 

Total overnight costs (TOC) 2,208,110 2,565,071 2,574,940 2,585,280 2,649,993 2,686,812 

Total as-spent cost (TOC 1.14) 2,517,245 2,924,181 2,935,431 2,947,219 3,020,992 3,062,965 
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Table 9: Annual O&M costs of different IGCC+SEWGS cases (k$, 2007$). 

 

Conserv. 

Base Case 

Advanced Regenerating Boiler 

Case A Case B Case C Case D Case E 

Fixed O&M cost       

Operating labor 7,497 7,497 7,497 7,497 7,497 7,497 

Maintenance labor 19,423 22,690 22,779 22,872 23,454 23,786 

Admin. & support labor 6,730 7,547 7,569 7,592 7,738 7,821 

Property taxes and insurance 35,638 41,633 41,796 41,967 43,036 43,644 

Variable O&M cost       

Maintenance materials 36,886 43,090 43,259 43,436 44,542 45,171 

Water 2,654 2,396 2,405 2,412 2,449 2,473 

Chemicals       

    SEWGS sorbent 43,963 36,574 36,574 36,574 36,574 36,574 

    Others 1,249 1,323 1,323 1,323 1,323 1,323 

Supplemental NG (for SEWGS) 53,247 - - - - - 

LP steam (credit from SEWGS) -46,102 - - - - - 

Waste disposal 5,861 5,324 5,324 5,324 5,324 5,324 

Fuel (IGCC) 62,242 62,242 62,242 62,242 62,242 62,242 
 

Total O&M cost 229,288 230,317 230,769 231,240 234,179 235,854 

 

Advanced Regenerating Boiler Approach: Tables 8 and 9 summarize capital and O&M 

costs for both approaches and Table 10 presents costs of SEWGS system-specific items, 

including unit operations included in the conservative SEWGS case but adapted for 

regenerating boiler cases. Note that the major assumptions for the regenerating boiler 

approach and the conservative approach are the same. The two approaches mainly differ 

in the management of heat from the adsorption reactor to the regeneration reactor. CO2 

compression costs for the regenerating boiler cases are estimated based on Case 6 of the 

DOE Report, adjusted to accommodate different inlet pressures of each specific 

regenerating boiler case. 

 

Table 10: Cost breakdown for the regenerating boiler SEWGS cases (k$, 2007$). 

 Case A Case B Case C Case D Case E 

Adsorber (incl. cyclones) $52.07 $52.07 $52.07 $52.10 $52.22 

O2 Compressor    $11.04 $11.26 

Regenerator (incl. cyclones) $46.72 $46.72 $49.76 $60.62 $68.59 

Sorbent Mover and Hopper $0.89 $0.90 $0.91 $0.95 $0.95 

CO2 Cooler (Stage I and II) and H2O 

Separator 
$4.94 $4.96 $4.96 $6.09 $6.73 

CO2 Compressor $28.34 $28.34 $26.38 $14.29 $11.73 

Gas Turbine $91.58 $87.77 $85.06 $72.72 $65.20 

ASU $199.69 $211.08 $218.98 $256.02 $279.06 

Steam Turbine $134.71 $134.27 $133.98 $133.34 $133.19 

Miscellaneous, SEWGS $220.90 $220.90 $220.90 $220.90 $220.90 

      Total $779.84 $786.99 $793.00 $828.08 $849.83 
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Figure 28 is a bar chart of capital equipment costs for regenerating boiler cases, with 

different categories of equipment represented by different colored bars. Capital costs of 

the ASU are different for each regenerating boiler SEWGS case. With increasing 

regeneration temperature from Case A to Case E, the size/cost of the ASU also 

increases.  Conversely, capital costs for the gas turbine decrease because a larger amount 

of H2 is necessary in the slipstream to heat the regeneration reactor to higher 

temperatures.  Steam turbine costs are largely the same for all five cases. If taken together, 

CO2 and O2 compressors costs are approximately the same, implying that capital savings 

realized by regenerating at a higher pressure are offset because a compressor is needed to 

increase the pressure of the O2 stream entering the regeneration reactor. Not surprisingly, 

the cost of regenerators themselves climbs as regeneration temperature and pressure 

become higher. 

 

 

Figure 28: Breakdown of capital costs for regenerating boiler Cases A through E. 

 

 

Parasitic Power De-Rating  

 

Traditional Engineering Approach: The energy required to operate the base case 

SEWGS system is both withdrawn from the main power facility as electricity as well as 

supplied through supplemental natural gas combustion. These decrease the net electrical 

output of the plant and increase operating costs.   

 

In estimating the energy penalty for sorbent regeneration, rather than subtract a parasitic 

load for steam heaters used to heat effluent cooling water (steam) from an adsorbing 

reactor prior to entering a regeneration reactor, a cost penalty for supplemental natural 

gas was added. Energy required to heat steam for regeneration is 1,160 MM Btu/hr. At a 

cost of $6.55/MBtu (natural gas), this results in a variable O&M cost of $53MM/yr. The 

heating value of the resulting steam at the effluent of a regeneration reactor was not 

integrated with the SEWGS in this analysis. In order to account for this asset, a financial 

credit amounting to $2.50/1,000 lb of low-pressure (LP) steam (90 psi, 1000°F) is 

assumed. Steam added to the regeneration process stream as a carrier gas (39,168 lb/hr) is 
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subtracted from the steam used for regeneration (2.67 MM lb/hr), resulting in a cost 

credit as presented in Table 9.  

 

Parasitic loads are compared in Table 11. A net power output of 515 MWe was calculated 

for the conservative SEWGS case. Assuming the same IGCC plant as Case 6 of the DOE 

Report, the net plant efficiency increases from 31.2% to 32.4%. 

 

Table 11. Comparison of parasitic loads for traditional engineering and regenerating 

boiler SEWGS cases, and for DOE Cases 5 and 6. 

 

Advanced Regenerating Boiler Approach: In the advanced regenerating boiler cases, 

the energy penalty associated with CO2 compression is specific to the partial pressure of 

CO2 in the regenerator effluent. Parasitic losses associated with the additional capacity 

needed for the ASU were increased as fractions of the ASU energy penalty presented in 

DOE Case 6. Miscellaneous BOP equipment associated with the SEWGS not defined 

elsewhere account for 3.8 to 4.4 MW parasitic losses for Case A to Case E. 

 

A summary of energy generation and parasitic loads for the five regenerating boiler cases 

is presented in Table 11. The energy profile of a plant employing the regenerating boiler 

SEWGS is markedly different than that of a traditional IGCC. Less energy is generated 

via the gas turbine (as much as 35% less for Case E), but a significant amount of 

electricity is produced by steam recovered from the adsorption reactor. As a result, 

regenerating boiler cases generate 50-70% more electricity than the conservative SEWGS 

case. Net plant efficiency for regenerating boiler cases reached 48-56% (or 33-79% 

Case 5 Case 6

SEWGS w/ 

Regen Boiler, 

Case A

SEWGS w/ 

Regen Boiler, 

Case B

SEWGS w/ 

Regen Boiler, 

Case C

SEWGS w/ 

Regen Boiler, 

Case D

SEWGS w/ 

Regen Boiler, 

Case E

Gas Turbine Power 464,000 464,000 423,632 406,000 393,472 336,400 301,600

Sweet Gas Expander Power 0 0 0 0 0 0 0

Steam Turbine Power 273,000 209,400 637,542 635,428 634,059 631,039 630,319

TOTAL POWER, kWe 737,000 673,400 1,061,174 1,041,428 1,027,531 967,439 931,919

AUXILIARY LOAD SUMMARY, kWe

Coal Handling 440 460 460 460 460 460 460

Coal Milling 2,040 2,170 2,170 2,170 2,170 2,170 2,170

Slag Handling 520 550 550 550 550 550 550

Air Separation Unit Auxiliaries 1,000 1,000 1,151 1,217 1,262 1,476 1,608

Air Separation Unit Main Air Compressor 45,190 59,740 68,755 72,676 75,397 88,151 96,085

Oxygen Compressor 8,890 9,460 9,460 9,460 9,460 11,614 13,421

Nitrogen Compressor 29,850 32,910 30,047 28,796 27,908 23,860 21,392

CO2 Compressor 30,210 30,210 30,210 22,359 6,485 3,821

Boiler Feedwater Pumps 4,500 3,500 5,000 5,020 5,034 5,111 5,161

Condensate Pump 230 280 400 402 403 409 413

Quench Water Pump 610 872 875 877 891 899

Syngas Recycle Compressor 680 790 790 790 790 790 790

Circulating Water Pump 3,400 4,370 6,243 6,243 6,243 6,243 6,243

Ground Water Pumps 370 510 729 731 734 745 752

Cooling Tower Fans 1,760 2,260 3,229 3,242 3,251 3,300 3,332

Scrubber Pumps 770 360 360 360 360 360 360

Acid Gas Removal (Selexol or SEWGS) 620 18,650 3,767 3,855 3,721 4,233 4,420

Gas Turbine Auxiliaries 1,000 1,000 913 875 848 725 650

Steam Turbine Auxiliaries 100 100 304 303 303 301 301

Claus Plant/TGTU Auxiliaries 250 250 250 250 250 250 250

Claus Plant TG Recycle Compressor 890 1,830 1,830 1,830 1,830 1,830 1,830

Miscellaneous Balance of Plant
2 3,000 3,000 3,000 3,000 3,000 3,000 3,000

Transformer Losses 2,520 2,530 2,530 2,530 2,530 2,530 2,530

TOTAL AUXILIARIES, kWe 108,020 176,540 173,020 175,845 169,740 165,483 170,438

NET POWER, kWe 628,980 496,860 888,154 865,583 857,791 801,956 761,480

Net Plant Efficiency, %(HHV) 42.1 31.2 55.8 54.4 53.9 50.4 47.8

POWER SUMMARY (Gross Power at Generator Terminals, kWe)

Conservative 

base case 
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greater than), depending on the regeneration conditions, compared to 32% for the 

conservative SEWGS case and 31% for the IGCC with conventional Selexol. 

 

Cost of Electricity 

 

The cost of electricity (COE) was calculated for the IGCC with SEWGS and compared to 

IGCC without CO2 capture (Case 5) and with Selexol (Case 6) from the DOE Report.
[14]

 

The COE was developed per DOE guidelines and was based on the following 

assumptions: a capital charge factor of 12.43%; a capacity factor of 80%; coal usage and 

CO2 transportation, storage and monitoring (TS&M) costs that mimic DOE Case 6; and a 

levelization factor of 1.268%. 

 

Traditional Engineering Approach: The COE calculated for the conservative 

IGCC+SEWGS is presented in Table 12. The COE in the base case is higher than that of 

DOE Case 6 (WGS+Selexol for CO2 capture). It should be noted that Selexol is a more 

established process and the costing associated with that system in DOE Case 6 essentially 

represents the n
th

 plant, whereas costing for the SEWGS process in this study is a first-of-

its-kind. Furthermore, analysis of the important factors influencing the cost for SEWGS 

reveals where important cost savings may be realized. 

 

Table 12. COE comparisons. 

 Case 5 Case 6 Base Case Case A Case B Case C Case D Case E 

Total overnight cost, MM$ 1708.5 1939.9 2208.1 2565.1 2574.9 2585.3 2650.0 2686.8 

CCF (high risk IOU, 5yrs), % 12.43 12.43 12.43 12.43 12.43 12.43 12.43 12.43 

Fixed O&M Cost, MM$/yr  53.5 58.2 69.3 79.4 79.6 79.9 81.7 82.7 

Variable O&M Cost, MM$/yr 34.2 34.6 97.8 88.7 88.9 89.1 90.2 90.9 

Capacity loading (CF) 80% 80% 80% 80% 80% 80% 80% 80% 

Net generation, MW 629 497 515 888 866 858 802 761 

Coal Usage, tons/day 5240 5583 5583 5583 5583 5583 5583 5583 

 COE calculation 
Capital 48.2 69.2 76 51.2 51.2 53.5 58.6 62.6 

Fixed O&M Cost 12.1 16.7 19.2 12.8 12.8 13.3 14.5 15.5 

Variable O&M Cost 7.8 9.9 27.1 14.3 14.3 14.8 16.1 17.0 

Fuel cost 13.3 17.9 17.2 10.0 10.0 10.4 11.1 11.7 

CO2 TS&M 0 5.6 5.6 5.6 5.6 5.6 5.6 5.6 

COE, $/MWh 81.3 119.4 145.1 93.8 96.4 97.5 105.9 112.4 

LCOE (LF=1.268%) 1.03 1.51 1.84 1.19 1.22 1.24 1.34 1.42 

 

The cost of the SEWGS process is sensitive to multiple factors such as reactor cost 

(reactor number, size, etc.), sorbent properties (life span, capacity, regeneration 

condition), and upstream/downstream gas cleanup. The impact of important cost 

parameters on the COE is illustrated in Figure 29. The first set of bars compares the 

SEWGS base case (24 reactors, $1,032/ton sorbent cost, sorbent refreshed four times per 

year) with the following two examples: (1 – orange bar) 12 reactors (assuming the 

sorbent can be transported between dedicated adsorption and regeneration reactors), 

$185/ton sorbent cost, sorbent replaced one time per year; and (2 – green bar) all of the 

above plus no Claus unit, CO2 regenerated at 30 bar, and 0.3 g CO2/g sorbent capacity. 

 



 36 

This shows a path towards cost competitiveness for the IGCC with a Selexol system for 

CO2 capture (~$120/MWh). The second set of bars shows essentially the same trend 

except eight reactors are assumed. A SEWGS system with only eight reactors requires a 

creative reactor design and a more effective heat management strategy. However, with 

modest improvements in key areas of sorbent properties and reactor design, the SEWGS 

process is viable alternative to conventional WGS + Selexol. 

 

 

Figure 29: Combined sensitivity analysis of fewer reactors, lower cost and more robust 

sorbent, higher regeneration pressure, and elimination of sulfur scrubbing. 

 

One aspect of the sensitivity analysis that is absent relates to the impact of overall plant 

heat and energy optimization. Heat integration and determining the optimal energy 

balance between thermal and compression work is paramount to the SEWGS process. 

This type of analysis is beyond the scope of the current program.  

 

Advanced Regenerating Boiler Approach: COE for each advanced regenerating boiler 

case are also presented in Table 12. COE moderately increases from Case A to Case C, 

and significantly increases for Cases D and E as the operating conditions become more 

extreme. Capital costs do not increase dramatically for Cases D and E, rather the increase 

in COE is a result of the energy penalty from the increase in regeneration temperature, 

which is only partially recovered as steam. COE also generally suffers because of large 

O&M costs; some of these costs are attributed to sorbent costs, while other line items are 

associated with TOC.  

 

Overall, COE with the regenerating boiler approach is appreciably lower than that of 

IGCC with Selexol. COE for the IGCC with different regenerating boiler SEWGS cases 

is between 6% and 21% lower than DOE’s Selexol Case 6. Compared to the IGCC 

without CO2 capture (DOE Case 5), CO2 capture by the regenerating boiler SEWGS 

resulted in a COE increase ranging between 15% (Case A) and 38% (Case E). This 

indicates that the SEWGS technology is highly cost-competitive compared with other 

emerging pre-combustion CO2 capture technologies. 
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CONCLUSIONS AND RECOMMENDATIONS 

 

Conclusions 

 

 Molecular dynamics simulation, in combination with thermodynamic modeling and 

process simulation analysis, proved to be an effective tool to help identify, screen, 

and evaluate theoretical performances of various SEWGS sorbents.  

 

 Ultrasound spray pyrolysis (USP), mechanical alloying (MA) and flame Spay 

pyrolysis (FSP) are effective methods to manufacture SEWGS sorbents.  

 

 CaO-based composite USP, MA, and FSP sorbents demonstrated significantly 

improved CO2 adsorption capacity and multi-cyclic stability compared to CaO alone. 

 

 CO2 capacity of SEWGS sorbents in a simulated syngas varied between 0.1 and 0.4 g 

CO2/g sorbent. The majority of CO2 capacity was reached in a short adsorption time 

(6-12 min). Sorbent CO2 capacity and cycling stability were improved by steam in the 

syngas, but adversely impacted by the impurities (H2S, HCl, NH3, COS) in general. 

 

 The extent of CO to CO2 conversion of the WSG reaction in the presence of SEWGS 

sorbents was close to the theoretical equilibrium conversion.  

 

 A conservative SEWGS approach which prevented the sorbent from transfer between 

adsorption and regeneration reactors and utilized supplementary natural gas to supply 

heat for sorbent regeneration was neither energy-efficient nor cost-effective for pre-

combustion CO2 capture. 

 

 An advanced SEWGS approach that allowed for transportation of the sorbent 

between adsorption and regeneration reactors, recovered the heat of adsorption for 

electricity generation, and utilized a slipstream of H2 product gas to supply the heat 

for sorbent regeneration increased the net plant energy efficiency by 33-79% and 

decreased the cost of electricity (COE) by 6-21% compared to the conventional IGCC 

plant with Selexol (1,591 MW thermal input, Illinois No.6 coal-based). An IGCC 

plant equipped with the SEWGS resulted in a 15-38% COE increase. This study 

concluded that SEWGS is a highly cost-competitive technology compared with other 

emerging pre-combustion CO2 capture technologies. 

 

Recommendations for Future Work 

 

Recommended future work includes: 1) preparing and densifying/pelletizing pound 

quantities of one or two sorbents identified in this project; 2) testing the mechanical 

strength and attrition properties of densified sorbents; and 3) performing continuous 

SEWGS tests using an actual Illinois coal syngas or in a simulated industrial environment. 

This kind of continued research will help generate process engineering scale-up data to 

advance the SEWGS technology towards slipstream testing and eventual 

commercialization of the technology for coal gasification and CO2 capture applications. 
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DISCLAIMER STATEMENT 

 

This report was prepared by Yongqi Lu of the Illinois State Geological Survey at the 

University of Illinois at Urbana-Champaign (ISGS-UIUC), with support, in part, by 

grants made possible by the Illinois Department of Commerce and Economic 

Opportunity through the Office of Coal Development and the Illinois Clean Coal Institute.  

Neither Yongqi Lu, ISGS-UIUC, nor any of its subcontractors, nor the Illinois 

Department of Commerce and Economic Opportunity, Office of Coal Development, the 

Illinois Clean Coal Institute, nor any person acting on behalf of either: 

 

(A) Makes any warranty of representation, express or implied, with respect to the 

accuracy, completeness, or usefulness of the information contained in this report, 

or that the use of any information, apparatus, method, or process disclosed in this 

report may not infringe privately-owned rights; or 

 

(B) Assumes any liabilities with respect to the use of, or for damages resulting from 

the use of, any information, apparatus, method or process disclosed in this report. 

 

Reference herein to any specific commercial product, process, or service by trade name, 

trademark, manufacturer, or otherwise, does not necessarily constitute or imply its 

endorsement, recommendation, or favoring; nor do the views and opinions of authors 

expressed herein necessarily state or reflect those of the Illinois Department of 

Commerce and Economic Opportunity, Office of Coal Development, or the Illinois Clean 

Coal Institute.  

 

Notice to Journalists and Publishers:  If you borrow information from any part of this 

report, you must include a statement about the state of Illinois’ support of the project. 

 


