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ABSTRACT 

 

Fischer-Tropsch (F-T) synthesis provides an important approach for converting fossil 

fuel-derived syngas to liquid fuels and other chemicals. Because of a wide spectrum of 

hydrocarbons produced in F-T synthesis, capital and energy intensive refining steps are 

unavoidable in coal to liquids (CTL) processes. To simplify the CTL process, we 

developed a core-shell catalyst for producing liquid fuels from syngas derived from 

Illinois bituminous coal. The catalyst has a Fe-based core and a ZSM-5 shell. The Fe-

based core catalysts were synthesized by co-precipitation coupled with incipient wet 

impregnation, while the coating was achieved by a hydrothermal method. The F-T 

performance was evaluated in an in-house reactor. Our results demonstrate that the good 

F-T performance maintains over a Fe-based core catalyst in 60 h on stream at 270 
o
C and 

120 psi after reaching the steady state. The results obtained in continuous flow fixed-bed 

reactor exhibits that zeolite coating strongly inhibits the formation of heavier 

hydrocarbons over Fe-based F-T catalysts at low temperatures. No deactivation was 

observed in 24 h on stream at 270 
o
C and 120 psi, indicating the core-shell structure is 

thermally stable under F-T synthesis conditions. Thus, this novel catalyst can be suitable 

for CTL technologies because it can directly convert Illinois coal derived syngas, which 

has a low H2/CO ratio to liquid fuels. Application of this catalyst in F-T synthesis can 

potentially make this process more efficient and cost-effective, because the downstream 

refining step is reduced or eliminated. 
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EXECUTIVE SUMMARY 
 

The objective of this research was to develop “optimal catalysts for production of 

chemicals and liquid transportation fuels”. The optimized, multi-functional catalyst could 

improve existing coal to liquids (CTL) processes by combining multiple reactions such as 

water gas shift (WGS), Fischer-Tropsch (F-T) synthesis, isomerization, and 

hydrocracking in one step. As a result, the overall CTL process can be significantly 

simplified for Illinois coal conversions.  

 

Liquid fuels like gasoline, diesel, and jet fuel are likely to remain as the dominant 

transportation fuel within the foreseeable future. At present, these fuels are almost 

exclusively derived from crude oil. However, unstable foreign oil supplies and volatile 

crude oil prices calls for producing liquid fuels from affordable and abundant domestic 

energy sources such as Illinois coal. Discovered in the 1920s, the F-T based CTL process 

is a mature commercial technology. Although proven, there are no commercial CTL 

plants in the United States. The key challenge to the commercialization of CTL lies in its 

complexity and high capital expenses. Therefore, intensified F-T schemes that reduce the 

complexity of the conventional CTL process are highly desired. 

 

In a typical indirect CTL process, coal is converted to syngas in a gasifier with oxygen. 

The syngas is then cleaned and conditioned prior to F-T synthesis. The F-T step converts 

the carbon monoxide and hydrogen in syngas into a mixture of hydrocarbons, ranging 

from C1 to C50+. The hydrocarbon mixture is then separated and refined to arrive at the 

final liquid fuel products. To simplify the aforementioned process scheme, we developed 

core-shell catalysts specifically tailored for Illinois coal applications. The novel catalysts 

have a zeolite (ZSM-05) shell and a promoted iron-based core. The shell material is 

highly active for catalyzing a number of important reactions including WGS, 

isomerization, and hydrocracking. The core, on the other hand, provides essential 

catalytic activity for WGS and F-T synthesis. The core-shell catalysts are uniquely suited 

for CTL applications because they can directly convert Illinois coal derived syngas, 

which has a low H2/CO ratio to liquid fuels. In addition, the long chain hydrocarbons 

produced at the core surface is upgraded while diffusing through the zeolite shell matrix, 

resulting in a high yield for gasoline-range iso-paraffin. The “mandatory” upgrading 

performed by the shell material is expected to largely eliminate the needs for the 

downstream refining step. Besides acting as a catalyst, the shell will also enhance the 

attrition resistance of the catalyst. As described before, these catalysts would be capable 

of performing the WGS, F-T, and refining operations in one step when used in existing F-

T reactors. The intensified process has the potential to be significantly more efficient and 

cost-effective than conventional F-T based CTL processes. 

 

This project focused on the synthesis and testing of the core-shell catalysts. Iron based 

catalysts were used as the core material. Supports and promoters including Al2O3, K, and 

Cu was used to improve catalyst stability and activity, enhance catalyst reduction, and 

inhibit coke formation. The shell material was composed of ZSM-5 with various Al/Si 

ratios. To obtain the core-shell structure, a sequential fabrication technique, i.e. formation 

of core followed by deposition of shell, was used. A lab-scale F-T reactor was used to 
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obtain the per-pass conversion, selectivity, and yield information from these catalysts. 

These experimental results were incorporated in an ASPEN Plus® process simulator to 

obtain the overall material and energy balances of the improved CTL process. Techno-

economic studies were performed to evaluate the improved process scheme.  
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OBJECTIVES 

 

The objective of the proposed research is to develop optimal catalysts for production of 

chemicals and liquid transportation fuels. Specific objectives outlined in the proposal 

include: 

Task 1. Reference Catalyst Synthesis 

Task 2. Core‐Shell F‐T Catalyst Synthesis and Characterization 

Task 3. F‐T Catalyst Testing and Optimizations 

Task 4. Techno‐Economic Evaluations 

 

INTRODUCTION AND BACKGROUND 

 

Coal can be converted into syngas, a mixture primarily consisting of carbon monoxide 

(CO) and hydrogen (H2), by reacting with oxygen and/or water at high temperatures. 

Carbon monoxide reacts with hydrogen in the presence of metal catalysts to produce 

liquid fuels, which was discovered by Franz Fischer and Hans Tropsch at the Kaiser 

Wilhelm Institute for Coal Research in 1923.
1,2

 They demonstrated that CO 

hydrogenation over iron (Fe), cobalt (Co) or nickel (Ni) catalysts at atmospheric 

pressures and 180-250 
o
C results in a multicomponent mixture of linear and branched 

hydrocarbons and oxygenates, among them linear paraffins and α-olefins are the main 

products. The overall reactions in the Fischer-Tropsch (F-T) synthesis are summarized in 

Table 1.  

 

Table 1. Major reactions in the F-T synthesis 

Main reactions  

1. Paraffins (    )                    
2. Olefins                     
3. Water gas shift               
Side reactions  

4. Alcohols                   (   )    
5. Boudouard reaction           
6.Catalyst oxidation/reduction                  

                  

7. Bulk carbide formation            

 

 

At a molecular level, F-T synthesis includes a CO hydrogenation reaction and a 

polymerization reaction. The former involves C-O bond breaking and C-H bond forming, 

while the latter involves a competition between chain growth (formation of an 

intermediate with higher carbon number) and chain termination (formation of desorbed 

final products).
3-8 

The products of F-T synthesis generally follows a statistical 

hydrocarbon distribution, known as the Anderson-Schulz-Flory (ASF) relationship.
9-13 
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Under ideal conditions, chain growth probability (α), determi ned by the rates of chain 

growth (Rp) and chain termination (Rt) is expressed as α=Rp/(Rp+Rt) is independent of 

carbon chain length. The mass fraction of a hydrocarbon with a chain length (carbon 

number) of n is given by: 

 

     (   )
      

 

Therefore, hydrocarbon distribution in the product is determined by the value of α 

(Figure 1). Such a statistical distribution is nonselective for any desired range of 

hydrocarbons.
14-19

 For example, the maximum selectivities to C5–C11 (gasoline range) 

and C12–C20 (diesel range) hydrocarbons are roughly 45 and 30 %, respectively. In this 

context, the current F-T technology generally aims at producing long chain alkanes 

(waxes, C21+). Subsequently, the waxes are transformed into liquid fuels by 

hydrocracking over metal-acid dual functional catalysts. To take full advantage of this 

two-stage approach, the F-T synthesis should be operated at high α values (>0.9) to 

minimize the formation of undesired light products, especially methane.
20-26  

 

The liquid fuels from F-T synthesis are nitrogen- and sulfur-free, which are more 

environmentally benign than their petroleum-derived counterparts. Moreover, chemicals 

like C2-C4 alkenes can also be directly produced from syngas over highly selective F-T 

catalysts.
27-30

 Therefore, F-T synthesis is a very promising option for transformation of 

non-petroleum resources into clean fuels and chemicals.  
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Figure 1. Spectrum of hydrocarbon produced in F-T synthesis as a function of chain 

growth probability. 

Based on the operation temperature, F-T processes can be divided into two types: low-

temperature F-T (LTFT) and high-temperature F-T (HTFT) synthesis. The HTFT 

synthesis is operated at temperatures between 320 and 350
o
C and the products only exist 

in the gas phase under the reaction conditions. Originally, this process was carried out in 

circulating fluidized bed reactors and more recently in fixed fluidized bed reactors. The 

light product is best suited to produce gasoline, but the high selectivity toward linear 

olefins and oxygenates allows for the extraction of chemicals from the product slate. 

These include monomers such as ethylene and propylene and co-monomers like 1-hexane 

and 1-octene as well as solvents including propanol, butanol, and acetaldehyde. The 

LTFT is operated at temperatures of 200 to 250
o
C. The heavy products extend well into 

the domain of waxes, which are liquid at the reaction conditions. The presence of a bulk 

liquid phase gives rise to a three phase (gas-liquid-solid) system. Originally, only fixed-

bed reactors are used for this synthesis. To reduce the pressure drop over the stationary 

bed, catalysts sizes must be in the millimeter range, which causes significant intra-

particle diffusion. This not only limits catalyst utilizations, but also adversely affects 

product selectivity because of different diffusion rates of CO and H2 that causes higher 

H2/CO ratios toward the center of particles. Also, the highly exothermic nature of F-T 

reactions gives rise to axial and radial temperature profiles in the catalyst bed. More 

recently, slurry bubble-column reactors have been developed to overcome some of these 

drawbacks. Syngas is bubbled through a suspension of catalyst particles in the liquid 

product. The catalysts are usually less than 100 micrometers, which are small enough to 

eliminate the intra-particle diffusion. On the other hand, the well-mixed liquid ensures 

isothermal operation. The LTFT synthesis is ideally suited to produce high-quality 

middle distillates (diesel and jet fuel) after hydrocracking long-chain waxes. Additionally, 

the heavy product provides special waxes and base oils. The naphtha from the process is 

also a high-quality feedstock for naphtha steam crackers, producing ethylene and some 

propylene.
26

    

  

Developing novel catalysts with high activity and selectivity is the key to improve the 

current F-T technologies. The typical active metals of F-T catalysts are Fe and Co, 

although other metals like Ni, Ru, and Rh also have activity toward reactions 1 and 2 

listed in Table 1. Among these metals, Ru is the most active catalyst for CO 

hydrogenation, being capable of working at low temperatures, e.g., <150°C. Ru works 

efficiently without any promoters; thus, it provides more fundamental insights into the 

reaction mechanism. However, the high cost and limited reservoirs limit its wide 

applications in industry. Usually, Co-based catalysts are more active and selective to 

linear long-chain hydrocarbons as well as more resistance to deactivation by water. Thus, 

Co-based catalysts have attracted lots of attention for producing diesel and wax. In 

contrast, Fe-based catalysts can work under a wide range of temperatures and CO/H2 

ratios. Moreover, Fe-based catalysts are not only used for production of linear alkanes but 

also but also suitable for production of alkenes or oxygenates, which are important 

chemical feedstocks. Fe-based catalysts exhibit much higher activity toward WGS 

reaction than Co- or Ru-based ones. This is very helpful for the conversion of syngas 

with low H2/CO ratios derived from coal but is undesirable for the conversion of H2-rich 
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syngas derived from natural gas. In addition, Fe is a cheap raw material when compared 

to its Co counterpart (cobalt is about 250 times more expensive than iron raw materials). 

It is believed that Fe is more tolerant of poisons, e.g., sulfur in synthesis gas than Co. 

Therefore, these advantages make the Fe-based catalysts quite attractive for CTL 

technology and for the production of alkenes from syngas. Generally, modifications are 

required for Fe catalysts to afford good activities and selectivity. To overcome rapid 

catalyst deactivation is another big challenge for Fe-based catalysts.
13, 15, 18, 25 

 

Promoters enhance the activity or change the selectivity by an electronic effect, 

modifying the electronic property of the active phase through electron transfer or 

electronic interaction and a structural effect, changing the structure of the active phase. 

Structural promoters, including Al, and Si, could suppress sintering, stabilize the active 

phase, and improve mechanical strength. In general, it has been observed that the surface 

area of iron oxide remains high in the presence of a structure promoter even after 

calcination at relatively high temperatures. One potential disadvantage of adding 

structure promoters is that the activation of iron oxides becomes more difficult due to the 

formation of iron silicates or aluminates. For this reason, chemical promoters like Cu are 

added during preparation to increase the reduction rate, most likely because of hydrogen 

spillover from the Cu surface to the iron oxide surface. Apart from facilitating the 

reduction and carburization of Fe species, chemical promoters can also enhance 

nucleation of iron intermediates that contribute towards producing a high surface area, 

increase the number/type of CO adsorption sites, stabilize selected phase, and influence 

the secondary reactions. Addition of alkali metals, e.g. K, to catalysts precursors is 

known to enhance both F-T and WGS activity, increase the chain growth probability, 

suppress methane formation, and inhibit secondary hydrocarbon reactions, resulting in a 

high olefin to paraffin ratio in C2-C4 hydrocarbons. The product selectivity can be 

regulated by choosing appropriate promoters. To decrease the selectivity of CH4 and CO2 

and promote the formation of C5+ or light olefins, one has to combine multiple promoters 

with different functions in one catalyst. Therefore, the interaction among different 

promoters is of importance for rational design of effective Fe-based catalysts.
20-26

  

 

Hydrocarbon products of F-T synthesis are typically refined to arrive at the final liquid 

fuels. To simplify this two-stage process, combination of F-T active catalysts with acidic 

zeolites have been investigated to produce high-octane branched hydrocarbons in the 

gasoline range.
25, 31-40

 It is well known that zeolites possess a shape-selective feature that 

suppresses the formation of intermediates, transition states, or products bigger than size 

of the cavities or channels. As a result, the formation of light hydrocarbons is promoted. 

However, confinement in nanosized cavities or channels may enhance the re-adsorption 

probability and secondary reactions of α-olefins, giving rise to long-chain hydrocarbons. 

Moreover, the acid sites of zeolites may catalyze secondary cracking, isomerization and 

aromatization reaction, modifying the distribution of hydrocarbons.
25

 The bifunctional 

process can be achieved in several ways, such as using a dual reactor arrangement with 

two functional catalysts in separate reactors or dual layer configuration, physically 

mixing two types of catalysts in a single reactor, and coating the F-T catalysts with a 

zeolite shell. Among these approaches, the core-shell structure is the most promising 

because the contact between F-T catalysts and zeolites is maximized. Because higher 
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temperatures (e.g. 300
o
C) are typically required for hydrocracking, isomerization, and 

aromatization over zeolite, and Fe-based F-T catalysts work well at these temperatures, 

Fe-based F-T catalysts are more suitable for designing core-shell catalysts.
25

 However, 

Fe-based core-shell catalysts were rarely investigated for direct conversion of coal-

derived syngas to gasoline range iso-paraffins. In this project, we prepared Fe-based F-T 

catalysts by co-precipitation and incipient impregnation, which act as the core materials. 

The coating of zeolites was achieved by the hydrothermal method. The bifunctional 

catalysts were characterized by using scanning electron microscope (SEM), X-ray 

diffraction (XRD), temperature programmed reduction (TPR). The catalytic performance 

was evaluated in the lab-scale fixed-bed reactors coupled with a micro-GC. Our results 

demonstrate that the presence of zeolite shell dramatically reduced the amount of wax 

and enhanced the selectivity of liquid fuels. An ASPEN Plus
@

 CTL model is used to 

evaluate the performance of the new catalyst concept. The completion of this project 

validates the technical feasibility and attractiveness of the novel catalyst design strategy.  

 

EXPERIMENTAL PROCEDURES 

 

Synthesis of core materials    

Fe-based catalysts were synthesized according to a co-precipitation method. Silica or 

alumina was used as structural promoters while potassium was used as a chemical 

promoter. In this project, two types of Fe-based core materials were prepared. One is 100 

Fe/25SiO2/5Cu/4.2K (mass base) and the other is 100Fe/25Al/5Cu/5K (mass basis). The 

former was prepared by dissolving 60.19 g Fe(NO3)3•9H2O and 1.58 g Cu(NO3)2•6H2O 

in 250 mL D. I. water, followed by heating the solution up to 80
o
C on a hotplate. Then, 

100 mL 10 wt. % NH4OH base solution was added to the nitrate solution under vigorous 

stirring. The suspension was kept at 80
o
C under stirring for 1 h after adding the base 

solution and then it cooled down to room temperature naturally. The precipitate was aged 

under ambient conditions, followed by filtering and washing thoroughly with D. I. water. 

Subsequently, 150 mL K2SO3 solution (89 mg/L) was added to the wet precipitate and 

the pH of suspension was adjusted. Afterward, the suspension was kept at ambient 

conditions for 2 days. And then, the suspension was filtered. The wet cake was washed 

with D. I. water. Finally, the solid product was dried at 120
o
C in an oven overnight. 

Potassium was introduced to the resulted solid by the incipient wet impregnation. The 

Fe/Al/Cu/K core was prepared by using a similar procedure.  

 

Preparation of core-shell catalysts  

Typically, 33 mL D.I. water, 7.8 mL ethanol, 5.6 mL tetraethyl orthosilicate, and 7.7 mL 

tetrapropylammonium hydroxide were mixed in a 100 mL Teflon container. And then 1.5 

g of the core material was added to the above solution under vigorous agitation. After that, 

0.225 g Al(NO3)3•9H2O was added to the suspension, followed by stirring. Finally, the 

Teflon container was capped and then put into a stainless steel hydrothermal reactor. This 

reactor was kept at 180
o
C. After the hydrothermal reaction was completed, the solid 

product was recovered by filtration and washed by D. I. water. Subsequently, the solid 

product was dried 120
o
C for 20 h in an oven and finally calcined at 500

o
C. Zeolite was 

synthesized by the same method except for no core materials were added in the above 

procedure. 
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Characterization  

The morphology of core materials and core-shell catalysts was investigated by Hitachi S-

3200N VP-SEM. Elemental analysis was carried out to estimate the surface composition 

and distribution of each element on the cross sectional surface of solids. Powder XRD 

measurements were carried out on a Bragg-Brentano X-Ray Diffractometer–Rigaku 

SmartLab. The patterns were acquired in a 2θ range of 10 to 80
o
 at a scan rate of 2

o
/min, 

a step size of 0.02
o
, using graphite momochromatic Cu Kα (λ = 1.5406 Å) radiation with 

a nickel filter. The tube current was 44 mA with a tube voltage of 40 kV. The phases 

were identified by comparing the collected diffraction patterns with those compiled on 

the database. H2-TPR was performed on a ChemBET Pulsar TPR/TPD chemisorption 

analyzer. About 10 mg of sample was loaded into a quartz U-tube, and then it was purged 

with He (85 cm
3
 min

-1
) for 1 h at 140

o
C, following by cooling down to 40

o
C. 

Subsequently, the He steam was switched to 5% H2/95% Ar (85 cm
3
 STP min

-1
). After 

maintaining at the above temperature for 45 min., the U-tube was ramped up to 1000
o
C at 

a rate of 5
o
C min

-1
.  

 

Catalytic tests 

The F-T synthesis was carried out on an in-house fixed-bed continuous flow reactor. The 

reactor system consists of a vertical tubular reactor, a hot trap, a cold trap, and micro-GC 

(Figure 2). The reactor (Øin25×150) was made of stainless steel and inlet of reactor 

located the bottom. The flow of N2, CO, and H2 was controlled by mass flow controllers 

(FMA5400/5500, Omega). The temperatures of the reactor and hot trap were controlled 

by a heating tape and monitored by a K-type thermocouple (Omega). The temperature of 

cold trap was controlled by circulating coolant inside the coil surrounding the trap. The 

pressure of reactor was controlled by a backpressure regulator (Swagelok) and monitored 

by a pressure gauge (NOSHOK). The composition of gas phase at the outlet of cold trap 

was analyzed by a micro-GC (490-PRO, Agilent), which is equipped with a thermal 

conductivity detector and four capillary columns (two Molsieve 10A, Pora Plot U, CP-Sil 

5 CB). The volumetric flowrate of gas at the outlet of trap was measured by a flowmeter 

(Bios Definer 220). 
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Figure 2. Schematic diagram of F-T synthesis system 

 

In a typical test, 2 g catalyst (150-250 μm) was mixed the same size of inert (Al2O3) with 

a mass ratio of 1:2. After loading into the reactor, it was first pressurized with nitrogen to 

120 psi. The catalyst bed was then heated up to 280
o
C in 50 SCCM N2. Once the 

temperature reached a target value, nitrogen was switched to carbon monoxide with a 

flowrate of 70 SCCM. The catalyst bed was kept at these conditions for 10 h, followed by 

cooling/heating to 240-270
o
C in 30 SCCM nitrogen. A hydrogen and carbon monoxide 

(molar ration of H2 to CO was 2:1) stream (240 SCCM) was then introduced into stream. 

The product first passed through the hot trap (120
o
C) and then the cold trap (2-5

o
C). 

Affluent from the cold trap was sampled from time to time. After completion of the 

reaction, the wax and liquid were collected from the hot and cold traps, respectively.  

 

The instantaneous and average conversions of hydrogen and carbon monoxide were 

calculated from the following equation: 

    
              

      
                                                        (1) 

    
              

      
                                                        (2) 

   ̅̅ ̅̅ ̅  
∑ [(             )(       )]
 
 

   
 
∑ [(             )  ]
 
 

   
                                           (3) 

   ̅̅ ̅̅ ̅  
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∑ [(             )  )]
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where X is the instantaneous conversion at time t, and  ̅ is the average conversion of the 

whole run.  Fin is the molar flowrate at the inlet of reactor (mol/min), Fout is the molar 

flowrate at the outlet of col trap (mol/min). N is the sampling number. Δt the sampling 

interval (min) and tr is the period of whole reaction (min). 

 

The instantaneous and average selectivity of carbon dioxide and hydrocarbons were 

calculated from Equations 5 to 8: 

 

     
        

              
                                                        (5) 

    
        

              
                                                          (6) 
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                                (8) 

where S and  ̅  are instantaneous and average selectivity. n is the carbon number of 

hydrocarbons. 

The yield of liquid and solid product was calculated from the following equations: 

   
  

            
                                                           (9) 

   
  

            
                                                        (10) 

where YL and YW are the yield of liquid hydrocarbons and wax, respectively. mL and mW 

are the mass of liquid hydrocarbons and wax (g), respectively. We assumed the molecular 

weight of hydrocarbons was 14n g/mol.  

 

RESULTS AND DISCUSSION 

 

Characterization of core materials 

In general, the activity and production selectivity over Fe-based F-T catalysts are strongly 

dependent on the structure of iron oxides, which can be identified by XRD measurements. 

XRD spectra of Fe-base core materials isshown in Figure 3. For Fe-based catalysts, the 

main crystalline iron compound is hematite (α-Fe2O3), although the occurrence of cubic 

structure of aluminum iron garnet (Al3Fe5O12) cannot be excluded. The formation of iron 

aluminates is undesirable due to difficulties in  the reduction of iron oxides. In practice, 

however, this cannot be totally avoided. An examination of Figure 3 reveals that wüstite 

(Fe0.945O) may not form during the synthesis. It should be noted here that the crystalline 

state of core materials is weakly affected by the co-precipitation conditions.   
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Figure 3. XRD patterns of Fe/Al/Cu/K core materials 

 

Iron oxides are inactive toward F-T synthesis and must be activated. The composition and 

stability of activated iron phase determine the performance of Fe-based catalysts under F-

T conditions. Therefore, the activation procedure has a strong influence on the activity 

and selectivity. To gain fundamental insights into the activation process, we performed 

H2-TPR on three Fe/Al/Cu/K catalysts and results are presented in Figure 4. As the 

temperature ramps up from 100 to 1000
o
C, iron oxides are reduced to magnetite (Fe3O4) 

and α-Fe, corresponding to two main peaks on the TPR curves, between 300 and 500
o
C 

and another centered around 590
o
C. It was found that the pH at which the precipitate was 

aged significantly affects the reduction behavior. Specifically, as the pH increased, the 

low temperature peak shifts from 407 to 342
o
C. As mentioned before, the pH has little 

effect on the crystalline state of iron oxides. Thus, favorable reduction behavior is not due 

to the nature of iron species but to the concentration of promoters. As the pH increases, 

copper is expected to precipitate from the solution, resulting in a higher Cu content. It is 

well known that Cu can promote the reduction of iron compounds during pretreatment, 

most likely because of hydrogen spillover from the Cu surface to the iron oxide surface.   
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Figure 4. H2-TPR profiles of three Fe-based catalysts.  

 

Typically, precipitated iron precursors are converted to magnetite first during activation, 

irrespective of the gas used. For hydrogen, α-Fe is the final iron phase. However, for CO, 

Hägg-carbide (χ-Fe5C2) is the final iron species.
26

  Under the working conditions, several 

iron species like α-Fe and Fe3O4 coexist with χ-Fe5C2, which is believed to be the active 

phase contributing to F-T synthesis. Oxidic iron species are responsible for the WGS 

reaction.
25

 Previous studies suggest that activation under CO yields the best performance 

regarding syngas conversion and methane selectivity compared to activating catalyst with 

hydrogen or syngas.
26

 Also, the final catalyst exhibit a relative high WGS activity. This is 

very helpful for coal-derived syngas, which has a low H2/CO ratio. For example, using 

Illinois coal as the starting carbon source, syngas produced in the entrained flow gasifier 

has a H2/CO ratio of 0.45 to 0.7. Such a ratio is far lower than the stoichiometric ratio of 

~ 2 for F-T reactions (1 and 2 in Table 1). Hence, Fe-based catalysts were activated by 

CO in this project.  

 

For the bifunctional process, a close contact between the F-T catalysts and zeolite is 

vitally important to tune the product selectivity. In an ideal scenario, the zeolite shell 

uniformly grows around the coreSyngas diffuses through the zeolite shell to reach the 

core, where long-chain hydrocarbons form, which then diffuse into the gas phase through 

the zeolite shellwhere they are cracked and isomerized. Because of this unique 

configuration, all straight-chain hydrocarbons formed on the F-T core catalyst enter the 

zeolite channels increasing the efficiency of secondary reactions over core-shell catalysts 

in comparison with other types of hybrid catalysts. To verify the coating of zeolite on the 
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core, we acquired the SEM images of core materials and core-shell catalysts (Figures 4 

and 5).    

 

 

  

  

Figure 4. SEM images of Fe/Si/Cu/K@ZSM-5 (A and B) and Fe/Al/Cu/K@ZSM-5 (C 

and D) core-shell catalysts. 

 

SEM images suggest that the core surface is partially coated with a thin shell of zeolite, 

but some particles are completely covered by zeolite, especially the smaller ones. One 

way to improve zeolite coating is to rotate the hydrothermal reactor, which 

uniformlyexposes the surface of a core particle to the solution. In the absence of agitation, 

the core particles settle down and pack together. Other options include treating the core 

materials with strong bases to clean the surface, grafting nano-sized silica crystals to 

surface, and corroding the surface to increase the roughness. Investigation of these 

C 

A B 

D 
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approaches is under progress, and we expect that the proposed strategy to be 

commercially available in the near future.   

 

  
 

Figure 5. SEM images of Fe/Al/Cu/K@ZSM-5 core-shell catalysts. 

 

A comparison of morphology of zeolite in core-shell catalyst reveals that the nature of 

core has little effect on the growth of ZSM (Figures 4B and 5B). SEM images clearly 

exhibit the typical flake-like morphology of about 500 nm in diameter and 250 nm in 

thickness. These flake-like nano-crystals aggregate together, producing channels for 

reactants to diffuse toward the core surface and products to diffuse toward the gas phase.  

The formation of ZSM-5 shell is further confirmed by the elemental analysis and XRD 

measurements (Table 1 and Figure 6). For Fe/Si/Cu/K@ZSM-5 and Fe/Al/Cu/K@ZSM-5 

core-shell catalysts, the atomic ratios of Si to Al are 16 and 28.56, respectively.  

 

Table 2. Elemental composition of shell for Fe/Si/Cu/K@ZSM-5 and 

Fe/Al/Cu/K@ZSM-5 

 Fe/Si/Cu/K@ZSM-5 Fe/Al/Cu/K@ZSM-5 

Element weight % Std. Dev. atomic% weight % Std. Dev. atomic% 

O 17.63 0.94 31.83 25.84 1.15 38.43 

Al 2.67 0.77 2.86 2.30 0.69 2.03 

Si 45.58 1.09 46.87 67.71 1.56 57.36 

K 4.00 0.98 2.96 2.25 0.68 1.37 

Fe 28.83 1.12 14.91 1.91 0.62 0.81 

Cu 1.28 0.46 0.58    

A B 
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Figure 6. XRD patterns of ZSM-5 and Fe/Si/Cu/K@ZSM-5 core-shell catalysts. 

 

CO hydrogenation over core materials 

The catalytic performance of core materials toward CO hydrogenation at temperatures 

less than 300
o
C was evaluated in a continuous flow fixed-bed reactor. In this temperature 

range, fixed-bed reactors are commercially used in F-T synthesis. As discussed before, 

the core materials were first reduced by CO at 280
o
C to confirm their activity. After that, 

syngas entered the reactor from the bottom. The reason that we used this mode of 

operation is to minimize the amount of liquid accumulation in the reactor and pipeline. 

The conversions of CO and H2 as a function of time over two catalysts, namely 

Fe/Al/Cu/K-01 and Fe/Al/Cu/K-02, are shown in Figure 7. It should be mentioned here 

that the only difference between these two catalysts is pH at which the precipitate aged. 

The results suggest the F-T activity over core materials is strongly dependent on pH. 

Both instantaneous CO and H2 conversions are higher on Fe/Al/Cu/K-02 than those on 

Fe/Al/Cu/K-01. Specifically, the average CO conversions in 24 h are 24 and 41 % over 

Fe/Al/Cu/K-01 and Fe/Al/Cu/K-02, respectively. H2-TPR results suggest that Cu content 

is higher in Fe/Al/Cu/K-02 than in Fe/Al/Cu/K-01. Previous studies found that Cu has 

little effect on turnover frequency (TOF) of CO, but it increased the activity per gram of 

catalyst. Thus, we surmise that Cu not only shortens the reduction period but also may 

increase the fraction of active phase. This could be due to the synergistic effect between 

Cu and K. It has been demonstrated that K does not significantly affect the intrinsic 

activity of Fe sites but may increase the number of active surface intermediates leading to 

hydrocarbon products. Figure 7a demonstrates that CO and H2 conversion over 

Fe/Al/Cu/K-01 decreases at the very early stage of  
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Figure 7. Conversion of CO and H2 over Fe/Al/Cu/K catalysts. Reaction conditions: 

T=270 
o
C, P= 120 psi, H2/CO=2, GHSV=7,200 SCCM h

-1
 gcat.

-1
.  

 

the reaction (minimizes at 4 h), followed by increasing to the initial values and then 

decreasing again as the reaction proceeds. This is because that F-based catalysts usually 

undergo reconstruction or transformation among various iron species (θ-Fe3C, χ-Fe5C2, ε-
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Fe2C, ε’-Fe2C and Fe3O4, α-Fe) under F-T reaction conditions;
25

 thus, it may take a long 

time to approach the steady state. The decrease in the late stage of reaction is attributed to 

deactivation, possibly because of carbon deposition, transformation of active phases, 

mechanical break-up of catalysts, and sintering. For Fe/Al/Cu/K-01, the conversions of 

CO and H2 continuously increase in 24 h and the increase is relatively slow after 6.5 h on 

stream. Based on these results, we conclude that Fe/Al/Cu/K-02 has a better catalytic 

performance than Fe/Al/Cu/K-02.  

 

Table 3 lists the average selectivity of CO2, CH4, oil and solid over two Fe/Al/Cu/K 

catalysts at 270
o
C and 120 psi at a H2 to CO ratio of 2. It appears that synthesis 

conditions have little effect on gas and liquid selectivity but strongly affect the wax 

selectivity. One plausible explanation is that the content of Cu might influence the chain 

growth probability (α) of heavy hydrocarbon. Although the ASF distribution gives a good 

prediction of product selectivities, alkali promoted Fe-based catalysts have a tendency to 

deviate from ASF, characterized by two α values.
40

 Specifically, α at carbon number less 

than 12 is lower than that at carbon number higher than 12. To clarify the effect of Cu 

content, more studies are required.  

 

Table 3. Product selectivity over Fe/Al/Cu/K Reaction conditions: T=270
o
C, P= 120 psi, 

H2/CO=2, GHSV=7,200 SCCM h
-1

 gcat.
-1

. 

 CO2 CH4 Oil
a 

Wax
b 

Fe/Al/Cu/K-01 28.44 1.47 6.82 1.44 

Fe/Al/Cu/K-02 30.05 1.63 8.71 15.16 
a
The amount of oil collected from cold trap in 24 h in gram 

b
The amount of wax collected from hot trap in 24 h in gram 

 

To obtain more insight into the catalytic performance of Fe-based core catalysts, we 

analyzed the composition of oil produced in 24 h over Fe/Al/Cu/K-02 and results are 

presented in Figure 8. In the oil phase, the molar fraction of C10 is the highest one. 

According to the ASF distribution, the higher is the carbon number, the lower is the 

molar fraction. The low molar fraction for C5 to C9 hydrocarbons is because these 

hydrocarbons exist in both gas and liquid phase in the cold trap. Furthermore, α value 

estimated from the molar fraction of hydrocarbons with carbon numbers of 9 to 15 is 0.87. 

This value is a typical one for LTFT synthesis.
26

  

 

The coal-derived syngas has a relatively low H2 to CO ratio, e.g., using Illinois coal as 

the starting carbon source, the H2 to CO ratio is between 0.45 and 0.7. To further evaluate 

the possibility of applying Fe-based core-shell catalysts to CTL process starting from 

Illinois coal, we performed F-T synthesis over Fe/Al/Cu/K catalysts at a H2 to CO ratio of 

1 at 270 
o
C and 120 psi. The results presented in Figure 9. The conversions of CO and H2 

appear to fluctuate around 20 % in 70 h. After carefully checking the reaction system, we 

found the mass flow controller did not work well at times, possibly causing the 

fluctuation in the activity. A very interesting observation is that the yield of oil is as high 

as 10.53 %.    
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Figure 8. Product distribution over Fe/Al/Cu/K-02 catalysts. Reaction conditions: 

T=270
o
C, P= 120 psi, H2/CO=2, GHSV=7,200 SCCM h

-1
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Figure 9. Conversion of CO and H2 over Fe/A/Cu/K-04 catalysts. Reaction conditions: 

T=270
o
C, P= 120 psi, H2/CO=1, GHSV=7,200 SCCM h
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F-T synthesis over core-shell catalyst  

In order to test the concept of tuning the selectivity by coating the Fe-based F-T catalyst 

with zeolite, we prepared Fe/Si/Cu/K@ZSM-5 and Fe/Al/Cu/K@ZSM-5 core-shell 

catalysts and evaluated the catalytic performance of Fe/Si/Cu/K@ZSM-5 at 270
o
C and 

120 psi. The results are shown in Figure 10. As shown in Figure 10, the conversion of CO 

and H2 seems to increase continuously over a reaction period of 24 h. This is due to the 

reconstruction or transformation among iron species under the reaction conditions. With 

the same amount of catalysts and reaction conditions, the conversion of CO and H2 are 

lower on core-shell catalysts than on core itself. One reaction is that ZSM-5 has little 

activity toward F-T synthesis, and another factor is that some K may be lost during 

coating ZSM-5. The average selectivities of CO2, methane, and oil in 24 h are 7.55, 2.31, 

and 5.49 %, respectively. Compared with core materials, the low CO2 selectivity is 

possibly due to the loss of K, which can promote the WGS activity. However, we cannot 

rule out low fraction of oxidic iron species under F-T synthesis conditions, which are 

responsible for WGS reaction. A very interesting observation is that no wax was 

collected from the hot trap in 24 h, clearly demonstrating that coating the Fe-based core 

catalyst with zeolite can suppress the formation of heavier hydrocarbons.  
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Figure 10. Conversion of CO and H2 over Fe/Si/Cu/K@ZSM-5 catalysts. Reaction 

conditions: T=270
o
C, P= 120 psi, H2/CO=1, GHSV=7,200 SCCM h
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Process evaluation 

We have constructed an ASPEN simulation model for the coal-to-liquids process based 

on Illinois Coal (Figure 11). Eliminating the refining system by using the core-shell 

catalyst will lead to notably enhanced liquid fuel yield and cost savings. It will also 

reduce hydrogen consumption used in the refining block. While conducting an economic 

analysis is possible, further investigations in catalyst performance are necessary before a 

high-fidelity techno-economic model can be established. 

 

 
Figure 11. ASPEN Plus® model for a coal to liquids process using Illinois #6 coal. 

 

CONCLUSIONS AND RECOMMENDATIONS 

 

In this project, we developed Fe-based F-T catalysts and then coated them with ZSM-5. 

The F-T catalysts were synthesis by a co-precipitation coupled with incipient wet 

impregnation approach, while the coating was achieved by a hydrothermal method. The 

catalytic performance of core materials and core-shell catalyst was evaluated in a 

continuous flow fixed-bed reactor. The results exhibit that the good F-T performance is 

maintained over a core catalyst in 60 h on stream at 270
o
C and 120 psi after reaching the 

steady state. Very importantly, our results clearly demonstrate that zeolite coating can 

strongly inhibit the formation of heavier hydrocarbons over Fe-based F-T catalysts at low 

temperatures, although it decreases the F-T activity per gram of catalyst. No deactivation 

was observed in 24 h on stream at 270
o
C and 120 psi, indicating the core-shell structure 

is thermally stable under F-T synthesis conditions. Therefore, this novel catalyst is very 

suitable for CTL applications because it can directly convert Illinois coal derived syngas, 

which has a low H2/CO ratio to liquid fuels. Use of this catalyst in F-T synthesis may 

potentially make the process more efficient and cost-effective, because the downstream 

refining steps are eliminated in the CTL technology.  

To commercialize the F-T process with tailored product selectivity starting from coal 

derived syngas, more studies are required to improve the catalytic performance of zeolite 
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coated Fe-based catalyst. At this moment, structural information of zeolite shell remains 

scarce. For Fe-based F-T catalysts, alkaline metals are usually added to enhance the chain 

growth probability, to suppress methane formation, and to inhibit secondary 

hydrogenation reactions by enhancing CO chemisorption and inhibiting H2. However, 

these promoters can be leached from the core catalyst in the hydrothermal synthesis. To 

overcome this, other electronic promoters that are insoluble in water are required to be 

investigated in detail. Another approach could be to modify the hydrothermal synthesis to 

avoid metal loss, such as self-assembly of pre-fabricated zeolite nano-crystals. It is also 

worthwhile to investigate the effect of replacing H in the ZSM-5 with other ions like Zn 

and Cu on the catalytic performance. To address the potential coke formation, 

introducing metal oxides can be attempted to enhance oxygen mobility.  
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