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ABSTRACT 

A bench-scale system utilizing a membrane absorber and desorber was integrated into a 

continuous CO2 capture process using 2-inch diameter (15-inch long) modules containing 

10 to 20 ft
2
 of membrane area. The integrated process operation was stable through a 

100-hour laboratory test, utilizing a simulated flue gas stream, with greater than 90% CO2 

capture and 97% CO2 product purity achieved throughout the test. 

Membrane modules have been scaled from 2-inch diameter to 4-inch diameter (60-inch 

long with membrane surface area of 164 ft
2
 per module) for field testing in a coal-fired 

power plant (Midwest’s Will County Station located in Romeoville, IL). Field testing 

with activated Methyl Diethanol Amine (aMDEA) solvent while using a 2,000 GPU 

module for absorption and a 1,000 GPU module for desorption showed greater than 90% 

CO2 removal in one stage. The absorption mass transfer coefficient was 1.2 (sec)
-1

, 

exceeding the initial target of 1.0 (sec)
-1

. This mass transfer coefficient is over one order 

of magnitude greater than those of conventional gas/liquid contacting equipment.  

In an 8-hour field test with increased SO2 concentration to simulate burning Illinois coal, 

we found that the flue gas contaminants SO2 and NOx did not affect CO2 capture 

performance; the aMDEA solvent was used in this test.  

The economic evaluation based on field testing data indicates the costs of our membrane 

contactor technology are $54.69 (Yr 2011$)/tonne of CO2 captured when using aMDEA 

solvent. The DOE’s 2025 cost goal of $40 (Yr 2011$)/tonne of CO2 captured can be met 

by decreasing membrane module cost and by utilizing advanced solvents. 

In the field we tested an advanced solvent, Hitachi’s H3-1 (known to have a lower 

regeneration energy consumption than aMDEA) and it showed a 17% higher mass 

transfer coefficient than the aMDEA solvent. This, plus the improved regeneration, 

indicates the projected savings achievable with our membrane contactor process can be 

further improved with the use of H3-1 solvent. H3-1 is the solvent to be used in our Phase 

IV study (i.e. Phase I of pilot-scale development). The operation conditions and the mass 

transfer coefficient obtained in the field for the 4-inch module will be used as the base for 

our design and development of full-scale 8-inch modules in the pilot-scale program. 
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EXECUTIVE SUMMARY 

During the Phase III program, an integrated membrane absorption/desorption system 

utilizing super-hydrophobic and hydrophilic nano-porous poly (ether ether ketone) 

(PEEK) hollow fibers for CO2 separation and capture from flue gas has been 

demonstrated in the laboratory and in the field. Technical progress has been made for 

Tasks 14-23.  

Task 14: New modules (2PG471 and 2PG472) have been designed and constructed by 

PoroGen and shipped to GTI for membrane absorption testing. By using aMDEA solvent, 

we have been able to reproduce the 0.4 kg CO2/m
2
/hr membrane adsorption performance. 

Moreover, as membrane surface area was increased from 1.2 ft
2
 (module 2PG471) to 4.4 

ft
2
 (module 2PG472), the CO2 removal rate remained the same (0.44 kg/m

2
/hr), 

indicating contactor performance can be linearly scaled. 

Task 15: We have completed a 100-hour, integrated absorber/desorber test in our lab 

using 2-inch diameter modules. For the membrane absorption side, CO2 removal greater 

than 90% has been achieved during the time investigated. As to the membrane desorption 

side, the CO2 content of the aMDEA solvent remained almost constant during the period 

investigated indicating sufficient regeneration was achieved.    

Task 16: Per feedback from Midwest Generation, the field test site was changed from 

their Joliet Station originally proposed as a test site to the Will County Station in 

Romeoville, IL. An in-person meeting was held on June 10,2013 at Midwest 

Generation’s Will County facility between GTI and Midwest engineers. During the 

meeting, a potential field testing location was indentified in addition to sources for the 

required flue gas and utilities. 

Task 17: Project management included coordination of activities between Porogen 

Corporation, GTI and Midwest Generation. This was accomplished successfully through 

in-person meetings, teleconferencing and via electronic communication. 

Task 18: The construction of the field test unit has been completed at GTI. Two 

4-inch-diameter modules (one for absorption, the other for desorption) have been installed 

in the unit. These two modules have membrane intrinsic CO2 permeances of 1,000 GPU 

that were adequate for initial field test unit shakedowns at GTI and Midwest Generation’s 

field site. PoroGen has optimized and tested several additional 2-inch modules to confirm 

the manufacturability of 2,000 GPU fibers. The optimization included hollow fiber 

dimensions, morphology and module packing density to minimize pressure drops and 

maximize thermodynamic efficiency. PoroGen then fabricated 4-inch 2,000 GPU modules 

to be used for the final test after system shakedown.  

  

Task 19: Initial system shakedown was performed using air in the gas side and water in the 

liquid side at GTI. Issues have been identified and resolved.  

Task 20: The field test system was moved to Midwest Generation’s Will County Station 

site located in Romeoville, IL on October 1, 2013. GTI engineers discussed the test 
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program along with funding agency requirements with Midwest Generation engineers. 

Utility needs and duties for each party were clarified. Midwest Generation engineers and 

technicians installed GTI’s membrane contactor skid at the site with all necessary 

connections for feed and product gases, and cooling water and other utility supplies and 

returns. 

Task 21: The field test unit with a 4-inch 2,000 GPU module in conjunction with 

aMDEA solvent showed greater than 90% CO2 removal in one absorption stage. The 

mass transfer coefficient was 1.2 (sec)
-1

, which is over one order of magnitude greater 

than conventional contactors. In an 8-hour test with increased SO2 concentration to 

simulate burning Illinois coal, it was found that the field CO2 capture performance was 

not affected by flue gas contaminants SO2 and NOx. The feed contained 450-470 ppmv 

SO2, 34.5 ppmv NOx, 585 ppmv CO, 10.9 (vol.)% O2, 9.14 (vol.)% CO2, and balance N2, 

water vapor and trace elements. aMDEA solvent was used during the initial period of 

testing. An advanced solvent: H3-1 (from Hitachi) a lower regeneration energy 

consumption than aMDEA was tested in the leater stages of tseting. Field testing with 

H3-1 solvent showed it has a 17% higher mass transfer coefficient than the aMDEA 

solvent. This, plus the improved regeneration, indicates the projected savings achievable 

with the hollow fiber contactor process can be further improved with the use of H3-1 

solvent. 

Task 22: Economic evaluation based on field testing data calculated $54.69 (Yr 

2011$)/tonne of CO2 captured for the membrane contactor technology when using 

aMDEA solvent. DOE’s 2025 cost goal of $40 (Yr 2011$)/tonne of CO2 captured can be 

met by decreasing membrane module cost and by utilizing advanced solvents. 

Task 23: A field test agreement between GTI and Midwest Generation was signed. 

Midwest Generation coordinated with GTI and obtained a permit from the Illinois 

Environmental Protection Agency (IEPA) to install the membrane contactor skid at 

Midwest Generation’s Will County Station site. This work was presented at the 2013 

NETL CO2 Capture Technology Meeting (July 8-11, 2013). 

In regard to the milestones for Phase III of this project, all milestones have been 

successfully completed, and progress notes are listed in Table 1. In summary, the 

objectives of Phase III program have been met and results attained to date will provide a 

strong springboard for successful completion of the new pilot-scale program and ultimate 

commercial use of the technology for carbon capture at power plants utilizing Illinois 

coals. 
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Table 1. The completion of milestones for Phase III program. 

Milestone 

Number 

Title or Brief Milestone 

Description 

Completion Date 

Progress Notes 

Original 

Planned 

Revised 

Planned 
Actual 

Percent 

Complete 

13 Submit year two report 10/31/12  10/31/12 100 Report was issued on time 

14 

Demonstrate absorption 

membrane performance 

stability (at least 0.4 

kg/hr/m
2
) 

12/31/13 06/30/13 06/30/13 100% 
Obtained 0.44 kg/hr/m

2 
for 

recent modules with larger area 

15 

Demonstrate high 

temperature desorption 

membrane life 

1/31/13  2/28/13 100% 

Membrane desorber has been 

functional throughout the 100 

hour continuous testing 

16 

Demonstrate 100 hours 

of operation of the 

integrated 

absorption/desorption 

system 

3/31/13  2/28/13 100% 

We have completed a 100 

hour, integrated 

absorber/desorber test in our 

lab using 2-inch diameter 

modules. CO2 removal higher 

than 90% has been achieved 

during the time investigated 

17 

Complete 4-inch (or 

8-inch) field test 

module fabrication 

5/31/13 6/30/13 7/31/13 100% 

Two 4-inch diameter modules 

(one for absorption, the other 

for desorption) in 8-inch shells 

fabricated and shipped to GTI 

18 

Complete initial field 

test unit shake down at 

GTI 

03/31/13 7/31/13 9/30/13 100% 
Issues identified during initial 

shakedown have been resolved 

19 

Complete site 

preparation and field 

test unit installation 

04/30/13 8/31/13 10/10/13 100% 

Midwest Generation engineers 

and technicians installed field 

test unit with all necessary 

connections for feed, product, 

cooling, and cooling water 

return 

20 

Operation of the field 

test unit at Midwest 

Generations with 

slipstream of flue gas 

completed and test 

results collected 

according to 

pre-approved matrix 

11/30/13  11/30/13 100% 

Integrated field test unit works 

well with 2,000 GPU 4-inch 

modules.  An overall 

volumetric mass transfer 

coefficient was 1.2 (sec)
-1

 at 

93% CO2 removal,  exceeding 

the initial target of 1.0 (sec)
-1

 

21 

Complete final 

economic evaluation 

based on field test 

results 

12/31/13  12/31/13 100% Completed 

22 Submit final report 12/31/13 01/06/14 01/06/14 100% Final report submitted 
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OBJECTIVES 

The first objective of the Phase III study (Tasks 14 to 17) was to complete development on 

PEEK membranes and membrane modules for the absorber and desorber and to verify 

performance of an integrated system in the laboratory for at least 100 hours. The second 

objective (Tasks 18 to 23) was to demonstrate the proposed membrane contactor 

technology on a bench-scale system. The bench-scale system consists of two membrane 

modules (one for absorption and the other for stripping) with an active membrane area of 

100 ft
2
 to 800 ft

2
. 

INTRODUCTION AND BACKGROUND 

The membrane contactor technology is a hybrid membrane/absorption process that takes 

advantages of both the compact nature of the membrane process and the high selectivity 

of the absorption process. Conventional membrane process operates by a 

solution/diffusion mechanism and the separation driving force is provided by the partial 

pressure difference of each component across the membrane. This process requires either 

flue gas compression, permeate sweep, application of permeate side vacuum, or 

combination of these steps to provide the separation driving force required. Elaborate 

process design and optimization becomes a prerequisite for conventional membrane 

processes in CO2 capture from flue gases [1]. The main limitation of conventional 

membrane processes is the process pressure ratio (feed gas pressure/permeate gas 

pressure). The available CO2 pressure ratio in a coal powered flue gas is only about 3 

(limited by economies of compression or vacuum level). The concentration of the product 

CO2 is consequently limited to about 32%. Thus, when the membrane separation process 

is pressure ratio limited (membrane selectivity is already much larger than the pressure 

ratio), the product CO2 concentration will be limited. This is a thermodynamic limitation 

that cannot be overcome by further increase in membrane selectivity. It is hence not 

possible to generate greater than 32% pure CO2 product from flue gases in one stage 

using the conventional membrane process.  

The hybrid membrane/absorption process is not limited by the pressure ratio and 99% 

CO2 product can be generated in a single stage. The process selectivity approaches 

thousands and is determined by the chemical affinity of the absorption solvent to CO2. 

While the porous super-hydrophobic membrane can offer only limited selectivity for the 

gaseous species present in the flue gas stream, membrane selectivity is not required.  

The hollow fiber membrane utilized in the hybrid membrane absorption process also 

provides a very high surface area/volume ratio for the separation to take place, which 

results in a mass transfer coefficient that is 5 to 10 times greater than achievable in a 

conventional tower or column with trays or packing. This results in the membrane 

contactor is about 50-70% smaller in volume than conventional equipment and enables an 

easier installation at existing power plant sites where availability of space for carbon 

capture equipment can be limited. 
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EXPERIMENTAL PROCEDURES 

100-hour testing of the integrated membrane contactor absorption and solvent 

regeneration process in the laboratory 

The process flow diagram (PFD) of the 100-hour lab testing of the integrated membrane 

contactor absorption and solvent regeneration process is shown in Figure 1. Two-inch 

diameter membrane modules (15-inch long) were used in this test. The membrane absorber 

and desorber operating conditions are shown in Table 2. Testing was performed with 

simulated flue gas (13 % CO2 feed) with a target gas flow rate of 2.3 L/min. The two most 

important parameters measured were the CO2 concentrations in gas streams (inlet and 

outlet of membrane absorber) and CO2 content in the solvent streams (inlet and outlet of 

membrane desorber). The former is measured by a CO2 analyzer that can measure CO2 

concentration in 0-15 % (mole) range and the latter is measured by titration. An analytical 

procedure involving titration was used to measure CO2 content in amine-based solvent as 

low as 0.3 wt.% with high accuracy. 
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Figure 1. PFD of the100-hour integrated membrane absorber/desorber lab testing. 
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Table 2. Integrated membrane absorber and desorber operating conditions. 

Parameter Condition 

Membrane Absorption 

Gas inlet temperature 98.7-126.2 °F 

Simulated flue gas CO2 inlet concentration 13 mol.% (balance N2) 

Membrane module 2PG448 

Membrane contactor surface area 0.28 m
2  

 

Initial gas flow rate 2.3 SLPM 

Inlet gas pressure 1.32-3.77 psig  

Liquid inlet temperature 70.8-101.5 °F 

Liquid flow rate 0.5 L/min 

Inlet liquid pressure 0.9-4.64 psig 

CO2 capture rate at 90% removal with 

aMDEA solvent 

0.10 kg/m
2
/h 

Membrane Desorption 

Solvent inlet temperature  230-260 °F 

Solvent outlet temperature 220-250 °F 

Liquid flow rate 0.5 L/min 

Solvent inlet pressure 43-55 psig 

Solvent pressure drop across the membrane  40 psig 

Membrane module 2PG306 

CO2 stripping rate from rich aMDEA 0.24-0.3 L/min 

 

Engineering of the field test system 

A detailed field testing plan was sent to Midwest Generation on June 10, 2013. Summary 

information for the testing plan is given below:  

 Test unit details 

o Footprint: 6 ft. (W) x 14 ft. (L) x 12 ft. (H). 

o Weight: 1000 lbs.  

o Flue gas flow rate: 70 ACFM (61 SCFM). 

o Pipe size for flue gas take off/return: > 2 inch Sch. 40. 

o Chemical inventory: 1 drum aMDEA-40 % in water. 

 Utility needs 

o Electric: three 120 V and 20 A for pumps, computers and sensors, 480 V 

and 40 A for solvent heaters. 

o Cooling water (city water): 5 gallon/min. 

 Operating philosophy 

o GTI will operate the unit 

o Midwest has the authority to shut the unit down. 

o Test duration will be between 30 to 50 days. 

o An 8-hour test with increased SO2 concentration (~150ppmv) to simulate 

burning IL6 coal will be conducted. 

o Test unit will be removed from site after test by GTI. 
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On May 30, 2013 Kent Wanninger from Midwest Generation informed us that testing site 

would be changed from their Joliet Station to Will County Station in Romeoville, IL due 

to changes in operating status at the Joliet Station.   

Bench scale module and system manufacture 

The design and construction of the larger surface area module for field testing was 

completed by PoroGen. Cartridges with sizes of 4-inch diameter by 60-inch long were 

used and were housed in an 8-inch flanged pressure shell (Figure 2). The 4-inch module 

contains about 164 ft
2
 of hollow fiber membrane area. Please note that a 2-inch diameter 

module used in lab testing is also shown in Figure 2 for comparison. 

2-inch diameter 

module for lab 

testing

4-inch diameter 

module in 8-

inch shell

 

Figure 2. A 4-inch diameter module in 8-inch shell.  

Because the ~300°F temperature of the flue gas at the Will County power station (our 

field testing site) was greater than at the Joilet station that was originally slated to be the 

field testing site, a direct contactor cooler (DCC) along with other equipment was 

required on the upstream of the membrane absorber. To make the whole bench scale 

system compact, a completely new unit was constructed. Figure 3 shows a photo of the 

newly constructedsystem.  
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Figure 3. Photo of the field test system. 

System installation at the power plant 

After completing initial shakedown of the new field testing system at GTI, it was moved to 

the Midwest Generation’s Will County Station site (located in Romeoville, IL) on 

October 1, 2013. Operational details, and HAZOP analysis was discussed with Midwest 

Generation and  all related safety documents (including MSDS of each solvent to be 

used) was provided by GTI engineers. GTI engineers were also trained to work on site at 

the facility for the field testing. After receiving a permit from the Illinois Environmental 

Protection Agency, Midwest Generation engineers and technicians installed GTI’s 

membrane contactor skid at the site with all necessary connections for feed and product 

gases, and cooling water supply and return. A photo of the installed system is shown in 

Figure 4. 

 

Figure 4. Photo of the installed field test system. 
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Field testing  

The flue gas composition measured on the upstream of the membrane absorber is listed in 

Table 3. The composition was measured by a Horiba portable PG-250 gas analyzer. The 

measured relative humidity of the flue gas before the blower was 39% at 130°F.   

Table 3. Flue gas composition. 

Element Concentration 

CO2 9.58 vol.% 

NOx 49.4 ppmv 

SO2 0.6 ppmv 

CO 103.8 ppmv 

O2 10.88 vol.% 

Balance: N2 , water vapor and trace elements 

 

Initial integrated absorption/desorption system was run with 1,000 GPU membrane 

modules. The membrane absorber and desorber operation conditions are shown in Table 

4. Tests were also be conducted with ~ 450-470 ppmv SO2 and 34.5 ppmv NOx in the 

feed to mimic the flue gas compositions of burning Illinois coal for sufficient time to 

determine the distribution of the SO2 and NOx in the absorber and regenerator and to 

observe any gross effects that the contaminant would have on the contactors. The 

membrane absorber was then changed to a 2,000 module (PG347) for further tests.  
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 Table 4. Integrated membrane absorber and desorber operating conditions at the field. 

Parameter Condition 

Membrane Absorption 

Solvents 40 wt.% aMDEA/H2O, 

and H3-1 

Membrane module PG326 

Membrane contactor surface area 10.92 m
2  

 

Gas inlet temperature 46-60 °F 

Flue gas composition Listed in Table 2 

Gas flow rate 17-30 L/min 

Inlet gas pressure 1.20-1.70 psig  

Solvent inlet temperature 55-61°F 

Solvent flow rate 1-6 L/min 

Inlet solvent pressure 4-12 psig 

Membrane Desorption 

Solvents 40 wt.% aMDEA/H2O and H3-1 

Membrane module PG325 

Membrane contactor surface area 10.92 m
2  

 

Solvent inlet temperature  220-250 °F 

Solvent outlet temperature 160-220 °F 

Liquid flow rate 1-2 L/min 

Solvent inlet pressure 40-55 psig 

Solvent pressure drop across the membrane  40 psig 

 

RESULTS AND DISCUSSION 

Task 14. Further development of PEEK membrane and membrane modules for 

absorption and solvent regeneration 

The objective of this task was to produce larger surface area membrane contactor 

modules that could achieve mass transfer coefficient consistency of at least 0.4 kg 

CO2/hr/m
2 

at 90% removal with aMDEA solvent. This value was obtained from 

smaller-area modules 2PG285 (1.3 ft
2
) and 2PG286 (1.2 ft

2
) during our Phase I study. To 

bring membrane contactor technology for post-combustion CO2 capture from laboratory- 

and bench-scale to commercialization, it was important to reproduce the 0.4 kg 

CO2/hr/m
2 

at 90% removal with larger surface area membrane modules.   

In the first quarter of Phase III study, we tested a number of modules with surface areas 

between 2.1 and 8.2 ft
2
 (Table 5). Their CO2 capture rate at 90% CO2 removal however 

varied between 0.09 and 0.20 kg/m
2
/h, lower than our target of 0.4 kg/m

2
/h. Scientists 

and engineers at PoroGen and GTI investigated key issues that caused the low mass 

transfer coefficients for the modules tested and identified the corrective actions for these 

key issues. Modules (2PG471 and 2PG472) designed and constructed by PoroGen were 

shipped to GTI for membrane absorption testing. As shown in Table 5, by using aMDEA 

solvent, module 2PG471 successfully reproducing the 0.4 kg CO2/hr/m
2
 membrane 
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adsorption performance.. As the membrane surface area was increased from 1.2 ft
2
 

(module 2PG471) to 4.4 ft
2
 (module 2PG472), CO2 removal rate remained about the 

same at 0.44 kg/m
2
/hr. 

Table 5. Membrane absorption performance. 

Module 
Membrane 

area, ft
2
 

CO2 capture rate at 90% 

removal with aMDEA 

solvent, kg/m
2
/h 

Best modules tested in Phase I membrane absorption study 

2PG285 1.3 0.4 

2PG286 1.2 0.4 

Modules tested in the 1
st
 quarter 

2PG368 2.1 0.15 

2PG390 8.2 0.10 

2PG407 4.6 0.09 

2PG432 2.8 0.16 

2PG433 2.8 0.09 

2PG434 6.8 0.20 

2PG435 6.8 0.20 

2PG438 6.8 0.20 

Modules tested in the 2
nd

 quarter 

2PG471 1.2 0.44 

2PG472 4.4 0.44 

 

Task 15. 100-hour lab testing of the integrated membrane contactor absorption and 

solvent regeneration process in the laboratory 

Figure 5 depicts testing with simulated flue gas (13 % CO2 feed) at point A. Total gas flow 

rate was 2.3 L/min and CO2 removal greater than 90% was achieved for the first 42 hours. 

At point B, a solvent level control failure caused the liquid side temperature to rise above 

the gas side temperature. As a result, water vapor condensed in some bores, leading to a 

drop in CO2 removal performance in the next 9 hours. At point C, the N2 flow rate to the 

bores of the absorber was increased by a factor of 7.5 to dry out the bores for the next 6 

hours. At point D, the N2 flow rate was reset to the original value, and the measured CO2 

removal rate was 86.6 %, indicating the bores had not been completely dried out. The total 

gas flow rate was decreased to 1.84 L/min while still maintaining a 13 % CO2 feed. 

Following this, the CO2 removal rate remained higher than 90 % in the next 46 hours.    
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Figure 5. CO2 removal rate as a function of operating time for module 2PG448. 

In the desorption side, CO2 contents of the aMDEA solvent fed to the membrane absorber 

were measured every 24 hours by a titration method. The results obtained at different 

days is shown in Table 6. The variances observed were within the error bar of the 

titration method (±20%) for such low CO2 contents, indicating the CO2 content of the 

aMDEA solvent remained almost constant during the period investigated.    

Table 6. Titration results for solvent samples fed to the membrane absorber. 

Date CO2 content obtained by titration analyses 

Feb. 18, 2013 0.35 wt.% 

Feb. 19, 2013 0.35 wt.% 

Feb. 20, 2013 0.37 wt.% 

Feb. 21. 2013 0.41 wt.% 

Feb. 22, 2013 0.40 wt.% 

 

Task 16. Engineering of the field test system 

As mentioned earlier, the field testing site was changed from the Joliet Station to the Will 

County Station in Romeoville, IL. The major process difference in relocating the test to 

Will County was that the temperature of the flue gas was higher, about 300 °Fthat might 

potentially affect the initial heat exchanger in the field test system. A site visit to Will 

County station by GTI engineers helped in identifying a potential location shown in 

Figure 6 for the test and sources for the required flue gas and utilities.  
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Potential location 

for field tests 

 

Figure 6. A potential location at Midwest Power Generation for field tests. 

Task 17. Project management of BP3A 

In addition to day-to-day project management, several teleconferences with DOE/NETL 

Project Manager were conducted. A milstone update letter sent to DOE/ NETL received 

approval for continuation of the project to start work proposed in Tasks 18-23.   

Task 18. Bench scale module and system manufacture 

Membrane fiber development 

The overall transport resistance for CO2 in membrane contactors comes from three parts: 

in the gas phase, in the membrane, and in the liquid phase. The resistance in the gas phase 

is typically very small whereas the resistance in liquid phase is a function of contactor 

module design, i.e. flow dynamics, and solvent characteristics. Once the solvent is 

selected and operation conditions are determined, the resistance in the membrane phase 

becomes the restricting parameter to the overall membrane contactor performance. The 

resistance in the membrane phase is a function of membrane structure. Membrane 

intrinsic CO2 permeance is a good indication of transport resistance in the membrane; 

high intrinsic CO2 permeance is important in attaining high CO2 capture rates in 

membrane contactor mode.  

By modifying and optimizing membrane preparation procedures, PoroGen has produced 

PEEK hollow fiber membranes with intrinsic CO2 permeances as high as 2,000 GPU. 

These high permeances were obtained in 2-inch modules, exceeding the initial target for 

commercial performance of 1,000 GPU.    

Design and construction of membrane module 

The design and construction of larger surface area module for pilot test was completed by 

PoroGen. Figure 7 shows module cartridge scale-up from bench to commercial size. For 

bench-scale field testing, contactor cartridges with sizes of 4-inch diameter by 5-ft. long 

were constructed to look into the scaling factors. The contactor cartridge was housed in 
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an 8-inch flanged pressure shell. The intrinsic CO2 permeance remained constant as 

membrane area was increased from 1-5 ft
2
 in 2-inch diameter modules to ~160 ft

2
 in 

4-inch diameter modules.   

a b

c d
e

 

Figure 7. Module cartridge scale-up from bench to commercial size: a) 2-inch bench – 

1.2 ft
2
, b) 2-inch bench – 5 ft

2
, c) 2-inch bench – 30 ft

2
, d) 4-inch transition – 160 ft

2
, e) 

8-inch commercial – 640 ft
2 

Field testing system manufacture 

Figure 8 shows a P&ID of the bench-scale system. This system was equipped with two 

4-inch diameter modules: one for absorption, the other for desorption.  

High temperature and corrosive environment encountered during the regeneration process 

impose severe demands on materials of construction. O-rings manufactured from 

specialty perfluorinated material, Kalrez™, were used in the 4-inch membrane desorber. 

E-8 epoxy formulation was selected for tubesheet construction. This module was 

equipped with hydrophobic PEEK hollow fibers with intrinsic CO2 permeances of 1,000 

GPU. As reported in our Phase II study, trans-membrane pressure drop is generally used 

in our membrane desorption. Because of the higher driving force, the CO2 stripping rate 

obtained at regeneration operating conditions is one order of magnitude greater than the 

CO2 absorption rate. Thus, the 1,000 GPU membrane module was sufficient for the 

bench-scale field desorption testing. 
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Figure 8. P&ID of the field testing system. 
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For membrane absorption, two 4-inch cartridges were prepared for the field testing: one 

with membrane intrinsic CO2 permeance of 1,000 GPU, the other with intrinsic CO2 

permeance of 2,000 GPU. The 2,000 GPU fibers also had a larger inner diameter (13.2 

mil) than the 1,000 GPU fibers (8.8 mil). Altough the membrane contactor process can 

operate at close to atmospheric pressure the only requirement related to pressure of 

membrane contactor process is that the inlet flue gas pressure must be slightly higher than 

the ambient pressure in order to ensure uniform flue gas flow through the hollow fibers. 

This is because the lower the pressure drop for flow through the hollow fiber membrane, 

the more saving on operating costs. In the post-combustion CO2 capture process, a 

majority of feed gas (~ 88%) remains in the tube side. Thus, the pressure drop for flow 

through the hollow fiber membrane can be simply estimated by the Hagen–Poiseuille 

equation: 

       
4

8

r

LQ
P






     (1) 

Where Q is the volumetric flow rate, η the absolute viscosity of the fluid, L the length of 

the hollow fiber, and r the hydraulic radius of the hollow fiber. Equation 1 suggests 

gas-side pressure drop increases linearly with fiber length L and 1/r
4
 for a fixed gas flow 

rate. Therefore, after switching from old fibers (ID: 8.8 mil) to new fibers (ID: 13.2), the 

gas side pressure drop through the new 2,000 GPU fibers is expected to be only 20% of 

that obtained for the old 1,000 GPU fibers.   

Task 19. Initial bench scale system shake down 

We did a complete shakedown of the unit using air in the gas side and water in the liquid 

side. A large part of the work focused on leak checking the unit, verifying the overall 

operability of the unit and completing the programming of the data acquisition system. 

Safety precautions such as alarm set points, alarm indication, emergency shut offs and 

interlockswere set.  

Task 20. Site preparation and system installation at the plant 

The bench-scale system was moved to Midwest Generation’s Will County Station site 

(located in Romeoville, IL) on October 1, 2013. After receiving permit from the Illinois 

Environmental Protection Agency, Midwest Generation engineers and technicians 

installed GTI’s membrane contactor skid at the site with all necessary connections for 

feed and product gases, and cooling water supply and return. A process flow diagram, 

Figure 9, shows how the membrane contactor skid is integrated with the flue gas at the 

Midwest Generation Will County Station. Flue gas was taken from downstream of 

Midwest’s induced draught fan, cooled by a direct contact cooler DCC and sent to a 

blower on the test skid, which boosted flue gas pressure to approximately 2-6 psig from 

near ambient pressures. The flue gas was then cooled by an indirect cooler, filtered and 

sent to the membrane absorber. The CO2 permeated through the membrane and was 

absorbed into the solvent. The CO2-rich solvent was regenerated in the membrane 

desorber. Both the treated flue gas and stripped CO2 stream from membrane desorber 

were sent back upstream of the induced draught fan.  
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Figure 9. Process flow diagram. 

Task 21. Operation of the field test system 

Electrical rewiring was completed after system installation at the plant. due to the plant 

main feed being 208 V instead of 240 V. During initial operation, some minor issues 

came up. First, some debris was found in the outlet of the two-phase separator causing 

the vessel to drain slowly. This issue has been addressed by cleaning downstream of the 

two-phase separator. Second, the magnetic controller for the liquid heater was damaged 

and needed to be replaced. Once these issues were identified and corrected, the field test 

system was operated with flue gas slipstream from the Midwest Generation Will County 

Station.  

Due to the high inlet temperature of the flue gas, the field test unit was equipped with a 

direct contact cooler (DCC) for cooling the flue gas to the cooling water temperature 

before the blower. Since the DCC was placed on the suction side of the blower, issues 

arose due to the vacuum created by the blower, preventing proper drainage of the DCC. 

All the water injected into the DCC was sucked into the blower causing it to shut down 

automatically. This issue was resolved by not injecting any water into the DCC and using 

the DCC as an air cooling device only. Due to the larger surface area and packing in the 

DCC, it worked well to cool the flue gas temperature to levels that the blower could 

handle. 

Initial integrated absorption/desorption system was run with 1,000 GPU membrane 

modules. A 90 % CO2 removal with the aMDEA solvent was acheieved (Figure 10).   
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Figure 10. Field testing results.  

Effect of flue gas contaminants 

In an 8-hour test with increased SO2 concentration to simulate burning Illinois coal 

(indicated 10/23 and 10/24 on Figure 10), it was found that the field CO2 capture 

performance was not affected by flue gas contaminants SO2 and NOx. The solvent during 

this test was aMDEA. Table 7 shows the inlet and outlet flue gas compositions. 

Table 7. Inlet and outlet compositions when running SO2 and NOx contaminants in feed. 

Element Inlet Outlet 

SO2 460 ppm 37.6 ppm 

NOx 34.5 ppm 21.9 ppm 

CO 585 ppm 326.8 ppm 

CO2 9.14 vol.% 0.85 vol.% 

O2 10.88 vol.% 15.84 vol.% 

Balance: N2 , water vapor and trace elements 

CO2 capture performance of the 2,000 GPU module 

With assistance from a PoroGen technician, the membrane absorber was changed to a 

2,000 GPU module after operating with the 1,000 GPU module for a week. Greater than 

90% CO2 removal in one stage was also achieved. The mass transfer coefficient was 1.2 

(sec)
-1

 at 93% CO2 removal, exceeding the initial target of 1.0 (sec)
-1

. This mass transfer 

coefficient is over one order of magnitude greater than those of conventional contactors 

with packed columns (0.0007 – 0.075 (sec)
-1

).  

The overall volumetric mass transfer coefficient of 1.2 (sec)
-1

 is within 30% of the 1.7 
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(sec)
-1

 that was obtained in the laboratory. The overall resistance in membrane contactors 

comes from three parts: in the gas phase, in the membrane, and in the liquid phase. Next, 

each of these elements is analyzed to determine which resistance is responsible for the 

difference in mass transfer coefficients between 2-inch and 4-inch modules tested in the 

lab and in the field, respectively.  

The resistance in the gas phase is not expected to be responsible for the difference in 

mass transfer coefficients between 2-inch and 4-inch modules because the resistance in 

the gas phase is typically very small. Also, gas velocity and residence time in the 4-inch 

module fibers tested in the field were greater than those of the 2-inch module fibers tested 

in the lab (Table 8), which would lead to a slightly higher mass transfer coefficient for the 

4-inch module.  

  Table 8. Gas velocities and residence times in 2-inch and 4-inch modules. 

Module 
Gas velocity 

in fiber, m/s 

Gas residence time in 

fiber, s 

2-inch module (15-inch 

long) 2PG472 
3.3 0.12 

4-inch module (60-inch 

long) 347 
4.8 0.32 

The resistance in the membrane phase is a function of membrane structure. The same 

membrane fibers were used in the 2-inch and 4-inch modules, and thus the difference in 

mass transfer coefficients between 2-inch and 4-inch modules was not due to the 

resistance in the membrane phase.  

The resistance in the liquid phase is a function of contactor module design, i.e. flow 

dynamics, and solvent characteristics. Table 9 shows that the liquid velocity in the 4-inch 

module was much lower than that of the 2-inch module. Lower liquid velocity means less 

turbulence, which may cause a higher resistance in the liquid phase.   

Table 9. Liquid flow rates and velocities in 2-inch and 4-inch modules. 

Module 
Membrane 

area, ft
2
  

Liquid flow rate, 

L/min 

Liquid velocity 

in module, m/s 

2-inch module 

2PG472 
4.4 0.5 0.0097 

4-inch module 347 164 1.0 0.0039 

Based on the analysis above, the lower mass transfer coefficient for the 4-inch module 

was most likely due to the higher resistance in the liquid phase. In future tests, higher 

liquid velocities will be used to achieve higher mass transfer coefficients.  

CO2 loading of the rich-solvent 

Besides mass transfer coefficient, CO2 loading of the rich solvent is another parameter 

that should be considered in the design of pilot-scale plant; the higher CO2 loading of the 

rich solvent, the lower amount of liquid to be heated, and thus the more energy saving for 
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regeneration. Rich solvent CO2 loadings for the runs with 2-inch and 4-inch modules 

were calculated. The rich solvent CO2 loading was much higher in 4-inch module 

(relative to 2-inch module) as shown in Table 10. The rich solvent CO2 loading of 0.6 

wt.% in the lab test of 2-inch module was too low for a practical operation. In contrast, 

the rich solvent CO2 loading of 5.2 wt.% was comparable to that of packed columns. 

Please note that CO2 loading of 5.2 wt.% is ~65% of saturation of the aMDEA solvent. 

Table 10. Rich solvent CO2 loadings in 2-inch and 4-inch modules 

Module 

Flue gas 

flow rate, 

L/min 

Liquid 

flow rate, 

L/min 

L/G 

ratio, 

L/L 

Rich solvent 

CO2 loading, 

wt.% 

Mass transfer 

coefficient, 

(sec)
-1 

2-inch module 

2PG472 
12 0.5 0.042 0.6% 1.7 

4-inch module 

347 
245 1.0 0.0041 5.2% 1.2 

CO2 capture performance of the H3-1 solvent 

An advanced solvent H3-1 supplied by Hitachi  and  known to have a lower 

regeneration energy consumption than aMDEA was also tested. Field testing with H3-1 

solvent showed it has a 17% higher mass transfer coefficient than the aMDEA solvent 

(Table 11). The CO2 removal in one stage was also higher with the H3-1 solvent (92.7%) 

as compared to the aMDEA solvent (90.4%) even though the L/G ratio was lower for the 

H3-1 solvent. These, plus the improved regeneration, indicate the projected savings 

achievable with the membrane contactor process can be further improved with the use of 

H3-1 solvent.  

Table 11. Comparison of CO2 capture performances for aMDEA and H3-1 solvents 

Solvent 

Flue gas 

flow rate, 

L/min 

Liquid flow 

rate, L/min 

L/G ratio, 

L/L 

CO2 

removal in 

one stage 

Normalized mass 

transfer coefficient, 
 

aMDEA 230 1.85 0.0080 90.4% 1 

H3-1 241 1.07 0.0044 92.7% 1.17 

Task 22. Final economic evaluation 

Cost estimates for the DOE Case 9 (Cost estimation with no CO2 capture) and Case 10 

(Cost estimation with CO2 capture using MEA plant [2])
 
 were usec as the base case 

comparisons that represent current benchmark technology (monoethanolamine (MEA) 

plant) status for electric power generation with CO2 removal (including transport, storage 

and monitoring) from flue gas generated in a nominal 550 MWe pulverized coal boiler. 

The scoping economic numbers for the membrane contactor technology based on 

aMDEA solvent were developed to estimate economic advantages of a membrane 

contactor process over the DOE Case 10. For this comparative study, the total coal feed 

rate for all the design cases is the same (at 646,589 lb/h).  
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Economic evaluation bases 

The major economic evaluation bases are listed below: 

 Experimental mass transfer coefficient of 1.2 (sec)
-1

 obtained in the field with 

aMDEA solvent. 

 CO2 feed concentration of 14 (mole)%, and 90% CO2 capture from a nominal 550 

MWe, subcritical pulverized coal power plant.  

 The cost for a membrane module was assumed to be $80 (Yr 2006$) /m
2
. 

 Total installed cost of the membrane unit is assumed to be 1.2 times of costs of 

membrane module. 

Estimates on CAPEX 

Differences in the reboiler heat-duty requirements for the regeneration of CO2-rich 

solvent would lead to changes in (i) net electric power generation and (ii) capital costs for 

the reboiler as well as for the LP steam turbine units. The estimated reboiler heat duties 

per g-mol of CO2 for the three design cases are shown in Table 12. 

Table 12. The estimated reboiler heat duties per g-mol of CO2 for the three design cases. 

Solvent type MEA used in DOE Case 10 aMDEA 

Heat duty, Btu/lb CO2 1,521
a 

1,187
b 

a. Estimated from the total LP steam need in the Regenerator Unit. 

b. Estimated as the sum of the (i) heat of desorption (14.0 kcal/gmol), (ii) heat of 

vaporization of water (10.3 kcal/gmol) and (iii) sensible heat required to bring the rich 

solution to the temperature of the stripper (4.7 kcal/gmol). 

Based on a study by Nexant/Bechtel [3], a typical capital investment (Table 13) for the 

absorber unit is approximately 27% of the total cost of the amine-based CO2 removal 

process (estimated at $436 MM, Yr 2006$, for DOE Case 10) where theabsorber is 

replaced by a membrane contactor unit. According to this Nexant study, the typical 

investment for the reboiler unit is approximately 15% of the total cost of the amine 

process. The reboilers for the membrane plants are prorated on steam requirements. 

Table 13. Key capital cost distribution factors for a typical amine plant for CO2 removal.
 

Absorber 27% 

Rich/lean exchanger 19% 

Reboiler & other heat exchangers 15% 

Stripper 10% 

Feed cooler 9% 

Flue gas blower 9% 

Pumps 8% 

Others 3% 
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The changes in total CAPEX for the two design cases relative to the DOE Case 10 are 

summarized in Table 14. 

Table 14. Key changes in CAPEX (Yr 2006$) 

Item 
DOE Case 10 

(amine plant) 

Membrane 

contactor with 

aMDEA solvent 

Absorber unit of the amine plant, $MM (@27% 

of total amine plant) 
118 - 

Reboiler unit of the amine plant (@ 15%), $MM 65 39 

Stripper 44 5 

Membrane unit, $MM   15 

Other equipment, $MM 209 209 

Total CAPEX for the CO2 capture unit, $MM 436 268 

Cost of Power Generation, mills/kWh 

The key data on various levelized cost of electricity (LCOE) costs for the design cases 

are summarized in Table 15.  

Table 15. Comparative data on LCOE 

Parameter 
DOE 

Case 9 

DOE Case 

10 

Membrane 

contactor with 

aMDEA solvent 

As-received coal feed rate, metric tons/day 5,252 7,759 7, 257 

Capital cost, mills/kWh 34.14 $68.00 $55.33 

Fixed operating costs, mills/kWh 3.99 $6.03 $5.00 

Variable operating costs, mills/kWh 5.80 $10.81 $8.97 

Coal, mills/kWh 20.14 $29.76 $24.68 

CO2, mills/kWh  $4.20 $3.48 

Total LCOE, mills/kWh 64.07 $118.80 $97.46 

Additional LCOE due to CO2 capture 

(mills/kWh) 
- 

$54.73  $45.84  

Cost saving to DOE’s benchmark (Case 10) - 0 16.24% 

$ (Yr 2011 base)/tonne of CO2 captured  65.30 54.69 

Table 16 indicates cost saving compared to benchmark technology (Case 10) is 16.24% 

for membrane contactor with aMDEA solvent. Note that our cost evaluation is based on 

Yr 2006$. The cost at different years can be adjusted by Chemical Engineering Plant 

Cost Index. The assumption here is that the saving percentage, is almost constant. 

irrespective of dollar base year. On year 2011 base, the benchmark technology costs were 

approximately $65.30/tonne of CO2 captured [4]. Thus, cost for the membrane contactor 

technology were calculated to be $54.69 (Yr 2011$)/tonne of CO2 captured when using 

aMDEA solvent.  
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Our Future Development towards Goal 

The overall goal of DOE/NETL’s carbon capture R&D is to develop advanced 

technologies that achieve 90% CO2 capture rate with 95% CO2 purity at a cost of $40 (Yr 

2011$)/tonne of CO2 captured by 2025 for new and existing coal-fired power plants. Table 

15 shows that by reducing membrane module costs from current $80 (Yr 2006$) to $30 (Yr 

2006$)/m
2
, the CO2 capture cost reduces to to $48.83 (Yr 2011$)/tonne of CO2 captured. 

The cost of a membrane module is the largest contributor to the overall cost of the 

membrane contactor system. Current estimated cost of a packaged PEEK membrane 

module for small-scale application is about $80 (Yr 2006$)/m
2
. This cost is likely to drop 

to about $30(Yr 2006$)/m
2
 for large-scale applications which is comparable to membrane 

costs for water treatment application; membrane costs for reverse osmosis desalination 

have decreased by more than order of magnitude in the recent decade due to advantages of 

large-scale manufacturing. The membrane module costs per m
2
 may also decrease with the 

application of larger diameter modules that will decrease the number of modules and 

associated interconnecting piping and flanges. Development of 30-inch diameter contactor 

module is currently being planned by PoroGen for natural gas treatment segment. 

 

Table 16. LCOE for various cases 

Cases 
LCOE, 

$/MWh 

$ (Yr 2011 base)/tonne of CO2 

captured 

DOE Case - 9 with no CO2 capture 64.07 -- 

DOE Case-10 state-of-the-art 

technology with CO2 capture 
118.80 65.30 

Membrane contactor field testing 

with aMDEA solvent 
100.11 54.69 

Reduce module costs from $80 to 

$30/m
2
 

105.00 48.83 

Use of new, advanced solvents 
On trajectory to meet DOE’s Year 2025 goal of 

$40/tonne of CO2 captured 

CONCLUSIONS AND RECOMMENDATIONS 

Substantial progress was made towards key project milestones and advanced the hybrid 

membrane/absorption technology significantly during the Phase III studies. Notable 

results include:   

 Field test of the unit with 4-inch 2,000 GPU module in conjunction with aMDEA 

solvent that showed greater than 90% CO2 removal in one stage. The mass 

transfer coefficient was 1.2 (sec)
-1

, which is over one order of magnitude greater 

than those of conventional contactors.  

 Field testing showed that flue gas contaminants SO2 and NOx did not affect CO2 

capture performance.  

 The updated economic evaluation based on field testing data calculated a cost of 

$54.69 (Yr 2011 base) per tonne of CO2 captured when using a the membrane 
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contactor technology with aMDEA solvent. The DOE’s 2025 cost goal of $40 (Yr 

2011$)/tonne of CO2 captured can be met by decreasing membrane module cost 

and by utilizing advanced solvents. 

 Field testing with an advanced H3-1 solvent showed it has a 17% higher mass 

transfer coefficient than the aMDEA solvent. Projected savings achievable with 

the membrane contactor process can be further improved with the use of Hitachi’s 

H3-1 solvent.  

The operation conditions and the mass transfer coefficient obtained in the field for the 

4-inch module will be used as base for future test, design and development of full-scale 

8-inch modules in the  pilot-scale development program.  
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