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ABSTRACT 

 

Dewatering has been a technical and economical barrier to the stabilization of coal 

tailings and the utilization of ultra-fine coal particles from coal preparation. Conventional 

techniques utilizing thermal or mechanical methods have been ineffective at dewatering 

tailings and ultra-fine coal suspensions in an environmentally compatible and/or cost 

effective manner. While substantial progress continues to be made on conventional 

dewatering technologies, a non-conventional approach to dewatering utilizing an 

osmotic gradient was investigated as a simple, robust, and low cost alternative. At its 

core, the technology relies on the directed transport of water from the suspension to an 

osmotic agent, effectively achieving dewatering – in essence, a passive dewatering 

technology. Under this approach, dewatering is achieved by inducing an osmotic pressure 

difference as opposed to mechanical pressure. Preliminary results indicate that it is 

possible to produce a powdery residue of less than 20% moisture from a fine coal 

suspension using such an approach. 

 

To further process development, determine the feasibility of scale-up, and assess the 

technical and economic boundaries of the proposed process, additional research is needed 

on a number of fronts.  First, the dependence of dewatering rates and transport resistances 

on parameters such as membrane choice, osmotic agent concentration, cake properties, 

and operational mode needs further elaboration.  Second, the robustness of the membrane 

material in terms of cleanability and reusability – factors that determine membrane life 

expectancy and therefore costs – needs to be determined. Third, the realization of a 

membrane configuration that facilitates scale-up is required. Finally, a scheme to 

regenerate the osmotic agent would be required to close-loop the process.  

 

The successful development of the above dewatering technology could play an important 

role in reducing the volume of coal tailings currently disposed to holding ponds. 

Additionally, it could enable recovery of a significant proportion of the estimated four 

million tons of fine (< 850 µm) and ultra-fine (< 105 µm) coal particles (constituting 

about 10% of total coal production) through dewatering of fine coal froth concentrate that 

is currently wasted in Illinois on an annual basis. 
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EXECUTIVE SUMMARY 

 

Dewatering has been a technical and economical barrier to the stabilization of coal 

tailings and the utilization of ultra-fine coal particles from coal preparation.  

Conventional techniques utilizing thermal or mechanical methods have been ineffective 

at dewatering tailings and ultra-fine coal suspensions in an environmentally compatible 

and/or cost effective manner.  While substantial progress continues to be made on 

conventional dewatering technologies, a non-conventional approach to dewatering 

utilizing an osmotic gradient was investigated as a simple, robust, and low cost 

alternative.  At its core, the technology relies on the directed transport of water from the 

suspension to an osmotic agent, effectively achieving dewatering – in essence, a passive 

dewatering technology.  Under this approach, dewatering is achieved by inducing an 

osmotic pressure difference as opposed to mechanical pressure.  

 

In this work, the feasibility of osmotic dewatering was investigated on two feed streams 

obtained from the coal preparation plant at American Coal Company’s Galatia Mine. One 

stream was a thickener underflow representing coal refuse (GL3) and the other was 

product slurry from the froth flotation process (GL5).  Both streams had a solids content 

of approximately 25%.  Osmotic pressures of the two solutions were estimated at 87 and 

128 psi, respectively.  Average particle size (d50) was 15 and 36 microns, respectively. 

 

Osmotic dehydration was carried out in both a stirred ultra-filtration (UF) cell and a 

dialysis set-up. Based on experiments conducted with these two configurations, the 

following observations regarding the technical feasibility of dewatering coal tailings 

slurry using an osmotic gradient can be made: 

 

(1) Dewatering of coal tailings slurry can indeed be accomplished using an osmotic 

gradient without application of any external pressure. In a UF-type configuration, 

a solids content of approximately 60% solids was achievable, but this was limited 

by slurry loading. To achieve greater dewatering in this configuration will require 

a means to remove the cake formed or a way to limit its growth. In a dialysis-type 

cell, dewatering is achievable well in excess of 80% solids under equivalent 

conditions. 

 

(2) The dewatering rate in a dialysis configuration is dependent on both the total 

dissolved solids (TDS) level of the slurry and its solid content. The higher the 

TDS level, the lower the driving force and the lower the dewatering rate or flux. 

The solids content had less of an impact on the dewatering rate until the formation 

of a network and initiation of consolidation.  

 

(3) The effect of TDS and the solids content are to a large extent independent and 

additive during most of the dewatering phase. Further experimentation is required 

to specifically address the effect of ionic strength – a consequence of increased 

TDS – on cake structure during later phases. 
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(4) The effect of TDS can be mitigated in two ways: (a) slurry washing to reduce 

TDS or (b) lowering the salt rejection capability of the membrane. The latter will 

require a different combination of osmotic agent and membrane and a means to 

decontaminate the osmotic agent for reuse. 

 

The cost of dewatering a ton of solids is dependent on starting slurry concentration, target 

slurry concentration, flux (measured in liters per square meter (m
2
) per hour (LMH), 

membrane life, and mode of draw solution regeneration. First order calculations suggest 

that the cost of dewatering a ton of solids using the best numbers (3 LMH average flux, 

$20/m
2
 of membrane, 5-year membrane life) is around $3/ton of solids. For a process at 

this nascent stage, this is quite promising. A lower bound is $2/ton of solids if reverse 

osmosis (RO) were to be used for draw solution regeneration. Other techniques of draw 

solution regeneration could result in much lower costs. Another approach to lower costs 

would be to undertake preliminary concentration of the slurry from 25 to 40% solids 

using another technology and then using osmotic dewatering as a finishing process. 

 

Membrane replacement costs can be lowered through productivity enhancement. The 

productivity of the process can be increased by maximizing driving force (minimizing 

osmotic pressure of slurry) and by decreasing cake resistance. Slurry TDS (and therefore 

osmotic pressure) for many coal preparation plants in Illinois are considerably lower than 

the ~10000 mg/L and greater levels measured for the Galatia Mine samples used in this 

preliminary work. For example, the thickener underflow at Peabody Energy’s Willow 

Lake preparation plant had a TDS of ~4000 mg/L and that of White County Coal 

Company’s Pattiki Mine was 2200 mg/L. Hence, slurries from Willow Lake and Pattiki 

are expected to be processed with a higher average flux than that of the Galatia slurry. 

Osmotic pressure can also be decreased by water washing. This washing can be achieved 

without additional water consumption in the coal preparation circuit through use of water 

pinch technologies. 

 

Cake resistance can be lowered by manipulating relevant particle properties such as 

particle size, charge, and hydrophilicity/hydrophobicity. Cake resistance can also be 

lowered by actively disrupting the cake, minimizing cake thickness, or through control of 

cake porosity. Many of these approaches are common to cake filtration processes and are 

readily incorporated into osmotic dewatering as well. 

 

In summary, osmotic dewatering of fine coal refuse and ultra-fine coal has been shown to 

be technically feasible at a bench scale. Back-of-the-envelope costs for the unoptimized 

process suggest that it is within the bounds of economic feasibility. Questions remain on 

whether the process can be scaled up in a manner that retains process simplicity with 

adequate membrane productivity and membrane reliability. 
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OBJECTIVES 

 

The primary objective was to explore the feasibility of a passive coal dewatering process 

using an osmotic gradient. Specific objectives were to: 

 

o Construct a test cell(s) to identify important operational factors and inform 

subsequent equipment design and development.  

o To investigate the correlation between dewatering rate and differential water 

activity (difference in the water activity between osmotic agent and feed solution) 

for a given particle size distribution. 

o To disaggregate the overall transport resistance into slurry, osmotic agent, and 

membrane resistances. 

 

The primary research task in this exploratory project was to benchmark the osmotic 

dewatering process of coal tailings and ultra-fine coal slurry obtained from an Illinois 

coal preparation plant. The determination of the dependence of dewatering rates on 

parameters such as slurry composition, osmotic solution concentration, and osmotic 

gradient constituted the main tasks. 

 

INTRODUCTION AND BACKGROUND 

 

As-mined coal contains non-combustible impurities, sulfur-containing minerals, and 

hazardous trace elements that need to be removed prior to use. The removal of impurities 

is known as coal preparation or coal cleaning and is predominantly carried out by water-

based processes. 

 

Clay, slime, and mineral impurities removed by cleaning – fine refuse – are generated as 

a 2 to 3% solids stream. This stream is thickened to about 25% solids content before 

being discharged to impoundments. Maintenance of impoundments is expensive. Several 

well-publicized failures of impoundments (TVA Kingston Power Plant, TN; Buffalo 

Creek, WV; Martin County, KY) have also sharply raised awareness of the 

environmental hazards of storing such wastes. Therefore, new impoundments face greater 

opposition and older ones are filling up. These factors are leading to concerns that waste 

disposal could become a critical bottleneck in coal production. Options for dealing with 

this emerging issue are dry cleaning technologies, reduction in disposal volumes, or 

reclamation of old slurry ponds. Other than dry cleaning, these options require the 

removal of water from slurry solids. 

 

In some plants, very fine coal particles are separated and recovered using froth flotation. 

The carryover of residual water in the clean coal product is undesirable as it makes 

storage and handling difficult, increases transportation costs, and reduces heating value. 

As a result, many utility coal contracts have limits on the amount of moisture and the 

quantity of fines allowed in the final coal shipments. Therefore, dewatering is an integral 

part of clean coal preparation as well. 
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Much of the work on dewatering pertinent to coal preparation plants has focused on coal 

and/or fine coal streams. Relatively little work has been carried out on coal tailings. 

Therefore, much of the discussion that follows is based on dewatering of fine coal 

streams. 

 

In general, coarse particles are easier to dewater. Coarse coal (+3/4") can be dewatered 

quite readily. However, dewatering difficulty increases with a decrease in particle size 

(especially below 0.5 mm) due to increases in particle surface area.  This results in 

increased processing costs as illustrated in Figure 1.
1
  

 
 

As the cost to clean fine coal is three to four times higher than that of coarse coal it is 

often discarded. U.S. coal producers currently discard between 27 and 36 million metric 

tons of fresh fine coal to refuse ponds each year. To date, approximately two to three 

billion metric tons of fine coal has been discarded in abandoned and active tailings 

ponds.
2  

Several drivers are propelling the development of new technologies to recover 

these fines. Chief among these are economic loss and a desire to limit exposure to long-

term environmental liability. It is estimated that disposal and maintenance costs may be 

as much as $3-6 per ton of fine coal waste. 

 

Spiral concentrators developed for cleaning the 28 x 100 mesh (1 mm x 150 µm) size 

fraction have greatly improved energy recovery and reduced overall waste generation. 

Froth flotation processes have extended fines recovery to the -100 mesh size fraction. 

According to a recent survey, there are 286 coal preparation plants operating in 13 states; 

however, only 87 of those plants are equipped with a fine coal cleaning circuit to clean 

the -100 mesh (-150 µm) size fraction.
3
  Consequently, the -100 mesh size fraction 

arising from processing raw coal is not subjected to ultra-fine recovery even though 

advanced coal recovery and cleaning processes are available.  Dewatering of fine coal has 

Figure 1. Cost of dewatering vs. particle size of fine coal. 
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been identified as a critical hurdle in the way of widespread adoption of these advanced 

processes highlighting the need for an efficacious and economical dewatering process.  

 

Common means for removing water from coal are through mechanical or thermal 

methods. The thermal method, though effective, suffers from disadvantages such as high 

energy consumption and associated emissions concerns. Sedimentation and filtration 

techniques comprise the mechanical methods. 

 

Centrifugal dewatering devices are currently the most widely used processes for fine coal 

dewatering in the U.S. Finer particles are routinely dewatered using screen-bowl 

centrifuges. The screen bowl is capable of achieving a lower moisture content in residual 

solids when compared to vacuum filters; however, field studies suggest that the weight 

recovery of <45µm (325 mesh) particles is typically only 50% for screen-bowl 

centrifuges resulting in substantial losses of fine coal compared to filtration processes.
4 

 

Vacuum disc filtration is commonly selected over the screen-bowl centrifuge in the 

presence of a relatively large proportion of ultra-fines to achieve high solids recovery at 

reasonably low product moisture content; however, capital and operating costs of disc 

filters are significantly higher than that of screen-bowl centrifuges having the same 

throughput capacity. Plate-and-frame filter presses are used for extremely fine size coal 

or tailings materials. Excessively high capital and operating cost requirements often 

render this process cost-prohibitive for steam coal applications. Belt filter presses are 

used with limited success in coal preparation plants for dewatering fine tailings material. 

High product moisture content, relatively high solids content in the filtrate and 

mechanical complexities are some of the problems associated with belt filter presses.
5
   

Table 1 summarizes dewatering capacities and achievable moisture content for 

commonly used filtration equipment.  

 

Table 1. Filtration equipment capacities and dewatering capabilities.
6 

Equipment Type 
Solids Throughput 

(lb/hr/ft
2
) 

Product Moisture 

(%) 

Vacuum Disc Filter 4.9 25 

Horizontal Belt Vacuum Filter 15 25 

Belt Press Filter 2.8 40 

Belt Press Filter* 10 30 

Belt Press Filter* 20 38 

Plate-and-Frame Pressure Filter - 22.7 

Ama Filter (Continuous Pressure Filter) 21 21 

* Polymer flocculants used 

 

 

A more recently developed technology, the Centribaric Filter, which combines both 

centrifugal dewatering and compressed air, is reportedly capable of dewatering fines 

below 44 µm to below 20% moisture. The extent of fines recovery was not reported.
7
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In a departure from the active dewatering approaches pursued in the past, it is proposed 

that dewatering be accomplished utilizing the self-directed transport of water from the 

coal slurry to an osmotic agent – in essence, a passive dewatering technology. The 

driving force for transport is provided by the difference in activity of water. The principle 

of the technology is illustrated by Figure 2. Here, a feed solution with a relatively low 

concentration (c1) of ionic or nonionic solute is separated by a semi-permeable membrane 

barrier from a solution (a.k.a. the osmotic agent/draw solution) containing an elevated 

concentration (c2) of an ionic or non-ionic solute. As the activity of water in the feed 

solution is higher than that in the osmotic agent, water will flow from the feed solution to 

the osmotic agent. 

 

 

Feed Solution 

(c1)

Osmotic Agent

(c2)

Water flow due to 

activity gradient

Semi-

permeable

membrane

Particle retained by barrier

 No applied force on particle

C1 < C2

 
 

 

 

The principle illustrated above is referred to as osmotic dehydration. Early applications of 

this technique to improve stability of perishable commodities, such as fish, date back  

millennia. Modern applications include dehydration of fruits and vegetables. In all of 

these applications, the material to be dehydrated is directly contacted with the osmotic 

agent. A disadvantage of this method of contact is the counter diffusion of the osmotic 

agent into the material being dewatered. 

 

The development of highly selective, high flux, semi-permeable cellulosic membranes in 

the 1960s allowed the principle of osmotic dehydration to be extended to extracting water 

from seawater – a process called forward osmosis. In this variation, an intervening semi-

permeable membrane, as shown in Figure 2, is used to separate the material being 

dewatered from the osmotic agent. This allows selective flow of water without mixing of 

the two solutions. This principle was exploited commercially to concentrate fruit juices 

and difficult-to-concentrate streams such as landfill leachate in the 1990s. More recently, 

after the attacks on 9/11, the army has utilized this principle to provide drinking water to 

Figure 2. Principle of novel passive ultra-fine coal dewatering technology.  
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expeditionary forces. In this investigation, we extend this concept to the dehydration of 

fine coal refuse and coal slurry. 

 

The generic forward osmosis-based fine coal refuse/coal dewatering process can be 

conceptualized as shown in Figure 3. The first stage involves the thermodynamic contact 

of the coal slurry with an osmotic agent in the presence of an intervening semi-permeable 

membrane. The second stage involves the concentration of the diluted osmotic agent for 

reuse within the process. The third (optional) stage involves polishing of the water 

extracted from the osmotic agent for potable or industrial use as specified. 
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The first stage operation can be carried out in equipment such as a plate-and-frame 

membrane system or in outside-in hollow fiber modules. Semi-permeable membranes 

made of cellulosic or other synthetic membrane materials such as aromatic polyamides 

can serve to separate the coal tailings slurry from the draw solution. Coal combustion by-

products and metal hydroxides can also serve as disposable semi-permeable membranes. 

The driving force for dewatering is the osmotic gradient between two streams and no 

external pressure needs to be applied. 

 

The above dewatering method possesses several advantages over conventional 

pressurized membranes or other filtration processes. These are: 

 

Figure 3. Concept of the generic forward osmosis based coal dewatering. 

process  
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 There is no driving force (other than gravitational body force and drag forces) on 

slurry particles. This ensures that particles are not pinned at the filter interface; 

this lowers the potential for plugging of the porous media. 

 While the osmotic forces created are the equivalent of 100s of psi, the equipment 

itself is unpressurized leading to simple equipment construction. 

 

The choice of osmotic agent is important as it has ramifications for subsequent phases of 

the operation. The requirements of a good osmotic agent are: 

 

 Ability to lower water activity at low concentrations. In this respect, low 

molecular weight solutes are more efficient than high molecular weight solutes. 

Typical choices are substances such as sodium chloride, magnesium sulfate, 

glycerol, sucrose, etc. High molecular weight polymers can also be used. The 

water activity of two salt solutions (sodium chloride, magnesium sulfate) is shown 

in Figure 4. 

 The osmotic agent should be easily dewatered or be removed from solution to 

enable reuse.  

 The osmotic agent should be inexpensive. 

 Preferably, the osmotic agent should be non-corrosive, non-flammable, and non-

toxic. 

 

 

 
 

 

 

The concentration of the osmotic agent to be used will depend upon the salinity of the 

coal slurry increasing with the salinity of the feed slurry. To ensure the minimum 

possible membrane area will require a maximum activity difference between the feed and 

osmotic agent solution; however, the maximum concentration of the osmotic agent 

solution is limited by its solubility. The minimum concentration is fixed by the desired 

extent of dewatering of the feed solution. If, for example, the water activity is 0.9 at the 

desired dewatering set-point of the coal slurry, the corresponding activity of the osmotic 
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agent must be ≤ 0.9 fixing the minimum concentration of osmotic agent. Another factor 

that influences the concentration of the osmotic agent is the ability to be dewatered using 

energy efficient methods such as reverse osmosis. This places limits on osmotic agent 

concentrations to a maximum of about 6% sodium chloride.  

 

The second stage of the operation can be carried out in a number of ways. One well 

established method to reconstitute the diluted osmotic agent is by Reverse Osmosis (RO). 

Under current state-of-the-art, such a process can concentrate a sodium chloride solution 

to approximately 6% at an energy consumption of about 75kJ/kg (fossil energy) of water 

processed. 

 

The third stage of the process polishes the water extracted from the second stage of the 

process, if necessary, to remove any trace contaminants and render the water useful for 

potable or industrial uses. Using other techniques, e.g. electrodialysis or membrane 

distillation, allow relaxation of these limits. 

 

This report summarizes results obtained in the experimental validation of the first stage 

of the proposed dewatering scheme. Draw solution regeneration and water polishing, the 

second and third stages of the process, were outside the scope of the project. 

 

EXPERIMENTAL PROCEDURES 

 

Samples 

Samples collected from the American Coal Company’s Galatia Mine in Galatia, IL were 

used for all experiments in this report.  GL3 refers to fine coal refuse collected from the 

underflow of the thickener.  GL5 refers to froth flotation concentrate.  Samples were 

analyzed for moisture, total dissolved solids (TDS), individual ions, and particle size 

distribution.  

 

Moisture was determined by gravimetry following drying at 105°C.  Differences in 

weight between subsequent measurements were less than 0.1%.  TDS was measured 

following Standard Methods 2540. Anions were determined by ion chromatography 

using USEPA Method 300.1Revision 1.0. Cation analysis was carried out by ICP-MS 

(PQ Excell, Thermo Scientific, Waltham, MA) using USEPA Method 6020 A.  Particle 

size distribution of the samples was measured by laser diffraction (Model LS230, 

Beckman Coulter, Inc., FL).  Osmotic pressure of the samples was estimated using 

commercial software (ROSA) from Dow Chemicals, Midland, MI. 

 

Dewatering Experiments 

Two series of dewatering experiments were undertaken. In one, samples were dewatered 

under varying conditions using an ultra-filtration cell (Model 8200, Millipore, MA). In 

the other, samples were dewatered in a dialysis tube. In experiments carried out under 

ultra-filtration conditions, the membrane was held stationary. In dialysis-type 

experiments, the membrane was unconstrained. 
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Dewatering In Ultra-filtration Cell: Dewatering was carried out either by conventional 

pressure-aided filtration or by utilizing an osmotic gradient. In conventional filtration 

using the ultra-filtration cell, pressure was applied using compressed gas. A pressure 

regulator was utilized to control the applied pressure.  In osmotically driven dewatering, 

the osmotic gradient was induced using sodium chloride as the draw solution. 

 

Membranes used for these dewatering experiments were varied. In conventional 

filtration, membranes of 0.4 µm pore size (Nuclepore Track Etch Membrane, Whatman 

Inc., NJ) were used. In osmotic dewatering experiments, a cellulose tri-acetate membrane 

(HTI, Oregon) was utilized. 

 

Dewatering in Dialysis Tubes: Initially, commercially available dialysis membranes 

(100-500 MWCO, SpectraPor, Spectrum Labs, TX) were used to hold samples. 

Magnesium sulfate ranging in concentration from 14-22% (wt%) was used as the draw 

solution.  In subsequent experiments, cellulose tri-acetate membranes (HTI, OR) were 

hand-rolled to make membrane tubes and utilized in a similar manner. 

 

Dewatering Rates 

Membranes used in osmotic dewatering experiments were benchmarked with deionized 

(DI) water using sodium chloride draw solutions in the ultra-filtration cell and 

magnesium sulfate in the dialysis configuration. These experiments allowed 

establishment of clean water flux. Following that, experiments were carried out with 

slurry supernatant to assess the impact on flux of solids-free high TDS solutions. Finally, 

these were followed by experiments with slurry. 

 

Dewatering rates were measured gravimetrically using a balance connected to a computer 

for experiments carried out in the ultra-filtration cell. In the dialysis-type set-up, these 

measurements were carried out manually. In both cases, the dewatering rate was 

normalized with respect to membrane area and the rate reported as liters per square meter 

of membrane area per hour (LMH). Differential dewatering rates normalized with respect 

to membrane area are reported as instantaneous flux and aggregate dewatering rates are 

reported as average flux. 

 

RESULTS & DISCUSSION 

 

Task 1: Sample Characterization 

Table 2 provides detailed analysis of the GL3 and GL5 samples. GL3 samples had a 

solids content of 25.19%, slightly higher than the 23.56% solids content of the GL5 

samples. The TDS of the GL3 samples were lower at 9010 mg/L. GL5 samples had a 

higher TDS of 13,000 mg/L. The individual ion composition analysis indicates that the 

TDS is predominantly composed of sodium, chloride, and sulfate ions. The charge 

balance indicates the individual ion composition analysis to be within acceptable 

accuracy limits. The osmotic pressure of samples was estimated based on their ionic 

composition.  The GL5 sample has a higher osmotic pressure by virtue of its higher TDS. 
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Table 2. Sample characterization results. 

Parameter GL3 GL5 

Moisture  (w/w %) 74.81 76.44 

Total Dissolved Solids (mg/L) 9010 13000 

Alkalinity (meq/L) 2.9 3.1 

Sodium (mg/L) 3100 4300 

Potassium (mg/L) 31 44 

Calcium (mg/L) 150 180 

Magnesium (mg/L) 53 64 

Total Cations (meq/L) 148 203 

Chloride (mg/L) 3400 5900 

Sulfate (mg/L) 1780 2000 

Bromide (mg/L) 7.6 12 

Fluoride (mg/L) 0.86 0.92 

Nitrite (mg/L) 0.42 <0.05 

Nitrate (mg/L) 0.78 0.07 

Total Anions (meq/L) 136 211 

Ion Balance Difference 4% 2% 

Measured TDS/Calculated TDS 1.04 1.03 

Osmotic Pressure (psi) 87 128 

 

 

The particle size distribution of both samples is shown in Figure 5.  Table 3 summarizes 

size distribution statistics for both samples. The GL-3samples had more fine particles 

with 50% being less than 15 µm and 10% being smaller than 2 µm. In contrast, the GL-5 

samples were relatively larger. 

 

 
Figure 5. Particle size distribution of coal refuse and ultra-fine coal. 
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Table 3. Size distribution statistics. 

Sample ID 10 % 25 % 50 % 75 % 90 % 

GL3 < 1.990 µm < 4.484 µm < 15.45 µm < 52.36 µm < 113 µm 

GL5 < 4.983 µm < 14.72 µm < 36.59 µm < 71.61 µm < 112.7 µm 

 

 

Task 2: Test Cell Design and Construction 

Ultra-filtration Cell Set-up: The bottom of the Amicon, Model 8200 ultra-filtration cell 

(Figure 6A) was modified to allow circulation of the draw solution (see Figure 6B). The 

draw solution circulation rate was controlled through the use of a peristaltic pump, 

Masterflex Model 7523-20 (Cole Parmer). The set-up is shown in Figure 6C. In some 

experiments, the ultra-filtration cell was utilized in an inverted configuration. In these 

cases, additional modifications to the system were made to allow sample introduction and 

stirring. Figure 6D shows the bottom cover used for the ultra-filtration cell with 

provisions for sample introduction. A small stir bar could be introduced into the bottom 

cover to provide mixing as required. 

 

 

Figure 6. Ultra-filtration cell components and set-up. 
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Dialysis-Type Set-up: Figure 7 illustrates the dialysis-type set-up used for carrying out 

dewatering experiments. SpectraPor membranes were floated using a buoyancy device in 

the magnesium sulfate draw solution. When HTI membranes were used, they were 

suspended with wires and weighted down. Under these experimental conditions, 

membranes collapsed freely. The draw solution was outside the tube. Draw solutions 

were gently stirred. These experiments were carried out with the membrane layer facing 

the slurry. 

 

 

 
 

Tasks 3 & 4: Benchmarking Osmotic Dewatering Process 

Dewatering in Ultra-filtration (UF) -Type Cells: Initial experiments with dewatering in 

UF-type cells were undertaken with DI water and sodium chloride solutions for 

benchmarking the membrane.  The data shown in Table 4 depict that water flux at a given 

sodium chloride concentration increased with the draw solution flow rate up to a flow 

rate of 75 ml/min. The cause of this dependence is due to the dilution of the draw solution 

at the membrane interface due to insufficient mixing. An increase in draw solution flow 

rate increases convective mixing at the interface leading to replenishment of the draw 

solution at the interface with the bulk fluid leading to less dilution than otherwise. 

Subsequent experiments were carried out at either 50 ml/min or 75 ml/min. 

 

Figure 7. Dialysis-type set-up. 
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Table 4. Benchmarking data for increasing draw solution flow rate. 

Experiment # Feed 
Draw 

Solution 

Draw Solution 

 Flow Rate 

(ml/min) 

Flux 

(LMH) 

CD 29/10 DI Water 8% NaCl 10 8.36 

CD 30/10 DI Water 8% NaCl 25 10.17 

CD 32/10 DI Water 8% NaCl 50 13.59 

CD 28/10 DI Water 8% NaCl 75 16.59 

CD 31/10 DI Water 8% NaCl 100 15.82 

 

 

The water flux of the membrane increased with the concentration of the draw solution 

(see Table 5) as expected. This is due to an increase in the driving force caused by the 

increased osmotic pressure of the draw solution. 

 

Table 5. Benchmarking data for increasing draw solution concentration. 

Experiment # Feed 
Draw solution 

(% NaCl) 

Draw Solution 

Flow Rate 

(ml/min) 

Flux 

(LMH) 

CD 23/10 DI water 4 50 9.06 

CD 26/10 DI water 6 50 12.40 

CD 27/10 DI water 8 50 13.73 

CD 32/10 DI water 8 50 13.59 

 

 

Experiments were then carried out with GL3 supernatant to determine the dependence of 

water flux on feed salinity (see Table 6).  In general, these experiments ran smoothly 

when concentrating the supernatant. The salinity increase in the feed decreased water 

flux. Inspection of the membrane surface did not reveal any surface fouling. Analysis of 

flux data (Experiments CD28/10 and CD 34/10) revealed that permeability decreased 

from 0.01875 LMH/psi with DI water to 0.01337 LMH/psi with the supernatant. The 

approximately 30% decrease in permeability is attributed to fouling and concentration 

polarization. 

 

Table 6. Experimental data with GL3 supernatant as feed. 

Experiment 

# 

Draw 

Solution 

(% NaCl) 

Draw 

Solution 

Flow 

Rate 

(ml/min) 

Flux 

(LMH) 

Water 

Recovery 

from 

Supernatant 

Initial 

Salinity 

of Feed 

(mS/cm) 

Final 

Salinity 

of Feed 

(mS/cm) 

CD 34/10 8 75 
10.52-

3.83 
78% 13.72 64.3 

CD 20/10 4 50 
6.62-

2.51 
58% 13.80 36.5 
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All of the above experiments serve as a backdrop for coal slurry dewatering experiments.  

Initial slurry dewatering experiments were carried out with the UF cell in normal 

position, i.e., with the draw solution circulating at the bottom of the cell. In this 

configuration, results obtained are as shown in Table 7. 

 

Table 7. Slurry dewatering with UF cell in normal position. 

Experiment 

# 
Feed 

Draw 

Solution 

(% NaCl) 

Draw 

Solution 

Flow 

Rate 

(ml/min) 

Flux 

(LMH) 

Water 

Recovery 

from 

Supernatant 

Estimated 

Solids at 

End of 

Run 

CD 21/10 
GL3 

slurry 
4 50 

6.41-

1.22 
42. 0% 49.0 

CD 33/10 
GL3 

slurry 
8 75 

5.78-

0.21 
51.5% 58.5 

CD 35/10 
GL3 

slurry 
8 75 

8.01-

0.42 
52.0% 59.6 

 

 

The flux declined precipitously while processing the GL3 slurry. The slurry viscosity 

increased with solids content and stirring was not effective and in many cases not 

possible with a laboratory hot plate magnetic stirrer. Stirring using an external stirrer 

(Experiment CD 35/10) was only marginally beneficial. 

 

It was initially hoped that operation of the UF cell in an inverted configuration would 

prevent the deposition of coal slurry solids onto the membrane. Hence, experiments were 

conducted with the cell in an inverted position. Several difficulties, such as formation of 

air bubbles at the membrane interface and solids fluidization, prevented the cell from 

operating as hoped. Modifications to the cell to prevent air blanketing were made but 

solids fluidization still occurred. Eventually, this avenue was not pursued in the interest 

of timely project completion. It is our belief, however, that this approach holds good 

promise and should be investigated more completely in the future. 

 

It was clear from the experiments that even a thin layer of solids settling on the 

membrane had a significant negative impact on membrane performance. It is 

hypothesized that the settled solids in close contact with the membrane were highly 

dehydrated and packed closely with highly reduced permeability. As previous 

experiments were conducted at ambient pressure, it appeared that the pressure drop 

across the settled film of solids was too high to maintain a continuous column of water 

flowing towards the membrane. It was, therefore, of interest to see if water flow through 

the solids could be maintained with external pressure. Figure 8 shows the flux behavior 

of two experiments carried out at pressures between 40-50 psig. In Figure 8a, a 

microfiltration membrane of 0.4 μm was used achieving an average flux of 7.3 LMH with 

final solids content in the slurry estimated at 66%.  In Figure 8b, pressure-assisted 

forward osmosis (FO) was carried out at similar pressures achieving an average flux of 
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3.24 LMH with final solids content in the slurry estimated at 57%.  As can be seen, in 

both cases about 60% solids could be achieved. 

  

 
 

 

 

Figure 8a. Dewatering GL3 slurry using a 0.4 micron, polycarbonate 

Nuclepore membrane with applied pressure of ~ 50 psi.  

Figure 8b.  Dewatering GL3 slurry under pressure-assisted FO 

conditions with 4% NaCl at 75 ml/min. 
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The significant erosion in flux and reduced capacity to dewater resulting from even a thin 

film of solids led to the hypothesis that a higher degree of dewatering could be achieved 

if the amount of solids settling on the membrane could be limited.  This was tested by 

utilizing only 10 grams of slurry in the UF cell in contrast to 140-150 grams of slurry 

previously used.  To our gratification, the slurry was dewatered to a solids content of 

63% at an average flux of 2 LMH (see Figure 9).  Moreover, this was accomplished 

without recourse to any stirring of the slurry. 

 

 

 
 

In summary, the UF-type cell system was successful in dewatering coal tailings to greater 

than 60% at an average flux of 2.0 LMH and at ambient pressure using an osmotic 

gradient alone.  A continuous operation based on these conditions would require a means 

to limit cake thickness and a method for cake removal.  In one respect, the process is 

similar to cake limited processes, such as vacuum filtration, with the substitution of 

osmotic pressure for either vacuum or mechanical pressure. 

 

Dewatering in Dialysis-Type Cells: Dewatering in dialysis-type cells was carried out as 

shown in Figure 7. Initially, SpectraPor membranes were used. With MgSO4 used as the 

draw solution at concentrations of 14%, 18%, and 22%, average flux varied linearly with 

osmotic pressure as expected (see Figure 10). Figure 11 shows the average flux of as-

received and pre-concentrated GL3 slurry normalized with respect to the membrane 

water flux as a function of estimated solids content. The estimated solids content was 

calculated based on the amount of water recovered and assuming 100% solids retention. 

The graph shows that when processing GL3 slurry, the average flux was ~80% of that of 

Figure 9.  Dewatering 10 grams of GL3 slurry in a UF-type cell with 

8% NaCl at 75 ml/min as the draw solution and 

membrane area of 0.00287 m
2
. 
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DI water initially, decreasing to about 20% by the end of the experiment. This is due to 

the lower retention of TDS by the SpectraPor membrane limiting the increase in osmotic 

pressure of the slurry being concentrated. 

 

The pre-concentrated slurry had a higher normalized average flux relative to more dilute 

slurry. This suggests that flux is relatively insensitive to the solids content. These results 

suggest that osmotic dewatering of more concentrated slurries is feasible without 

sacrificing flux performance.  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 10. DI water flux vs. osmotic pressure for 

SpectraPor membrane.  

Figure 11.  Dewatering as-received and pre-concentrated (by 

filtration) GL3 using 22% MgSO4.  
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Figure 12 illustrates dewatering behavior of GL5 slurry as a function of draw solution 

concentration when the SpectraPor membrane is used. This data shows that the average 

flux increases with an increase in osmotic driving force; however, the extent of 

dehydration achieved with GL5 slurry was lower relative to that of GL3 slurry, 

presumably due to its higher osmotic pressure.  

 

While the general expectation that flux increases with driving force is borne out, flux 

with respect to unit driving force shows a slightly different picture as seen in Figure 13. It 

appears that the higher osmotic pressure driving force results in lower relative 

permeability. This suggests that the mechanics of cake formation, consolidation, and 

dehydration over the course of time course for an experiment can be important and a 

useful target for future improvement. 

 
Figure 13.  Average flux normalized with respect to driving force. 

Figure 12.  Average flux for GL5 slurry with increases in draw 

solution concentration.  
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Figure 14 compares the average flux obtained with both GL3 and GL5 using 18% MgSO4 

as a draw solution. The higher osmotic pressure of the GL5 slurry results in a lower flux 

relative to GL3 in spite of its larger particle size. 

 

 

Results obtained with SpectraPor membranes in a dialysis-type configuration clearly 

show that dewatering of coal tailings and ultra-fine particles can be carried out under an 

osmotic gradient; however, as the SpectraPor membranes were not intended for FO-type 

applications, it was of interest to investigate what improvements, if any, could be 

obtained using HTI membranes.  Figure 15 shows that the average flux obtained with the 

HTI membrane is indeed greater than that obtained with the SpectraPor membrane. The 

primary reason is due to the HTI membrane being thinner. Flux profiles for the two 

membranes do show some differences. The flux profile for the HTI membrane shows a 

sharper drop-off with increasing dewatering. In comparison, the flux drop-off for the 

SpectraPor is relatively shallow. These differences arise due to the differing salt 

rejections of the membranes involved, leading to a modification of the driving forces 

involved. 

 

Figure 16 compares the flux obtained with HTI membranes on GL3 and GL5 slurry. 

Again, the flux for the GL3 slurry is higher as noted earlier. 

 

 

 

Figure 14.  Average flux of GL3 and GL5 slurry using 18% MgSO4 

draw solution. 
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Having established that dewatering of both GL3 and GL5 slurries could indeed be 

conducted at higher flux with membranes customized for FO applications, it was of 

interest to determine the significant factors influencing flux.  DI water flux of HTI 

membranes as obtained under a set of defined experimental conditions represents the 

upper bound of achievable flux. Deviations from this level are caused by phenomena 

such as concentration polarization, fouling, and cake formation that add additional 

resistance to water transport, lowering obtained flux. Figure 17 is a graph of the 

Figure 15.  Average flux for two membranes obtained with a GL3 

slurry using 18% MgSO4 as a draw solution. 

Figure 16. Flux obtained with HTI membrane for GL3 and GL5 slurries. 
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instantaneous flux of the GL3 supernatant during a dewatering experiment. The 

concentration factor (CF) plotted on the x-axis is calculated as the ratio of the weight of 

the original slurry to that of the residual as measured over the course of the experiment. 

For example, CF = 3 would imply that two-thirds of the original slurry had been 

dewatered at that particular point in time. Plotted on the secondary y-axis is the 

conductivity of the residual slurry. An inspection of Figure 17 reveals that, in general, the 

reproducibility of experiments is quite good.  Flux at an initial CF = 1 refers to the DI 

water flux of the membrane and reveals slight variations in the membrane permeability. 

As dewatering progresses, salts in the slurry accumulate leading to an increase in 

conductivity. The increased salinity also results in an increase in osmotic pressure of the 

slurry leading to a decrease in driving force. This leads to the observed drop in flux with 

time. A further point of interest in these experiments is that the observed increase in 

conductivity of the slurry is less than the observed increase in concentration factor. This 

leads to the conclusion that a portion of salts in the slurry is transported across the 

membrane. The results shown in Figure 17 unequivocally establish that flux decline 

during dewatering is inevitable due to erosion of the driving force under FO conditions. 

 

 
 

While, the increase in osmotic pressure and the resulting decrease in driving force erode 

flux, additional factors such as fouling and concentration polarization can also lower flux. 

Concentration polarization is a reversible phenomenon and is caused by the localized 

increase in salt concentration at the membrane solution interface. Fouling is due to 

physical or chemical interaction of constituents in the feed solution with the membrane 

leading to either loss in membrane area or reduced permeability. An estimate of the 

fouling/concentration polarization can be obtained as follows: 

 

Figure 17.  Flux and supernatant conductivity during dewatering of 

two GL3 samples. 
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where k is permeability, π is osmotic pressure, k1 is a modified permeability obtained as 

the product of k and a constant used to convert conductivity, c, to osmotic pressure of the 

slurry. Subscripts d and s refer to draw solution and slurry and the subscript t refers to 

time. This suggests that a plot of flux vs. conductivity should be linear with an intercept 

equivalent to the observed DI water flux. Such a plot, as seen in Figure 18, shows the 

expected features but has a k1 value higher than expected leading to the conclusion that 

fouling and concentration polarization effects are significant in the system. It is likely that 

concentration polarization is the primary cause for this flux depression. 

 

 
 

Next, it was of interest to determine how the solids content influences flux due to cake 

formation. To extract the influence of the solids content, the GL3 was filtered using 

microfiltration and washed with DI water to lower TDS to 2.16 mS/cm from 14.5 mS/cm. 

Dewatering in the dialysis set-up followed. These results are shown in Figure 19. For 

comparison, results from the dewatering of GL3 supernatant are also shown. It is clear 

that the flux evolution patterns are quite different with the DI-washed slurry showing a 

concave down pattern. During initial dewatering, the flux is insensitive to the solids 

content until a threshold point is reached when it drops precipitously. This threshold 

signifies the start of a consolidation phase of the deposited cake. 

 

The dewatering behavior of the whole slurry represents the combined effects of both the 

solids and the dissolved solids. In the region of interest (i.e., CF up to 3), the TDS effect 

on flux is much more significant than that of the solids content. On the other hand, flux 

Figure 18.  Relationship between instantaneous flux and slurry conductivity. 
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toward the tail end of dewatering is influenced by the solids content after the onset of 

consolidation. 

 

 
 

 

That the effect of both solids and TDS are largely independent and additive is 

demonstrated by the flux obtained by using independent data from supernatant and DI-

washed slurry experiments.  Flux levels due to TDS were modeled based on a linear fit of 

data from the supernatant experiment. The solids effect was accounted for as an 

additional effect using the slope from the DI-washed GL3 experiment.  Predicted flux 

(see Figure 20) are reasonably representative of the whole slurry experiment. Deviations 

in the last two points are due to overestimating TDS. 

 

The above data allow one to surmise that a higher flux in the initial stages of dewatering 

can be obtained by lowering TDS levels. Moreover, a higher solids content by itself is 

expected to have less of a significant effect on the process.  To test this, the GL3 samples 

were concentrated by RO (preconcentrated GL3 normal TDS), or preconcentrated by 

microfiltration (preconcentrated GL3 low TDS), or preconcentrated by microfiltration 

and TDS further reduced by washing with DI water (preconcentrated GL3 DI washed). 

The flux obtained with these samples bear out these expectations (Figure 21). 

 

While the bulk of this discussion has focused on flux performance, the primary purpose 

of the work was to dewater. This was not an issue in dialysis-type experiments as most 

experiments achieved dewatering well in excess of 75%. Figure 22 provides a pictorial 

representation of the type of end-products obtained.  

 

Figure 19.  Flux evolution in a TDS-depleted slurry compared to 

solids absent supernatant. 
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Figure 21. The influence of solids content and TDS on flux. 

Figure 20.  Flux behavior of composite slurry represented as the 

independent and additive effects of both slurry TDS and 

solids content. 
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In summary, the following general observations regarding the technical feasibility of 

dewatering coal tailings slurry using osmotic gradient can be made: 

 

(1) Dewatering of coal tailings slurry can indeed be accomplished using an osmotic 

gradient without application of an external pressure. In a UF-type configuration, a 

solids content of approximately 60% was achievable. The achievable dewatering 

was limited by slurry loading. To achieve greater dewatering in this configuration 

will require a means to remove the cake formed or a way to limit its growth. In a 

dialysis-type cell, dewatering is achievable well in excess of 80% solids under 

equivalent conditions. 

 

(2) The dewatering rate in a dialysis configuration is dependent on both the TDS 

level of the slurry and its solid content. The higher the TDS level, the lower the 

driving force and lower the dewatering rate or flux. The solids content had less of 

an impact on the dewatering rate until the formation of a network and initiation of 

consolidation. 

 

(3) The effect of TDS and the solids content are to a large extent independent and 

additive during most of the dewatering phase. Further experimentation is required 

to specifically address the effect of ionic strength – a consequence of increased 

TDS – on cake structure during later phases. 

 

Figure 22. Dewatering levels achieved with GL3 and GL5 samples. 
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(4) The effect of TDS can be mitigated in two ways: (a) slurry washing to reduce 

TDS, or (b) lowering the salt rejection capability of the membrane. The latter will 

require a different combination of osmotic agent and membrane and a means to 

decontaminate the osmotic agent for reuse. 

 

Supplementary Task: A Broad Overview of the Economic Feasibility of Osmotic 

Dewatering Based on Unoptimized Results 

 

Presented now are some first order calculations on the economic feasibility of osmotic 

dewatering of fine coal refuse based on results reported above. Costs are derived for 

processing a ton of solids.  Table 8 provides details of the basis for calculations as well as 

the intermediate steps to arrive at the required membrane area. The membrane area is 

then used to calculate a membrane replacement cost/ton of solids processed. 

 

Table 8. Basis for membrane area calculations. 

Slurry 

Quantity
a
 

(kg/hr) 

Solids 

(kg/hr) 

Initial 

Moisture 

(kg/hr) 

Final 

Moisture
b
 

(kg/hr) 

Moisture 

Removed 

(kg/hr) 

Membrane 

Area
c
 

(m
2
) 

Membrane 

Area Per 

Ton Solids
d
 

(m
2
) 

1000 250 750 107 643 514 2057 
a 
assumed basis @ 25% solids content

 

b 
for final solids content of 70% 

c 
at average flux of 1.25 LMH based on as-received GL3 slurry 

d
 multiplication factor of 4 

 

Based on Table 8, approximately 2000 m
2
 of membrane area would be required to 

process one ton of solids per hour.  At an assumed cost of $20/m
2
 of membrane area and 

a five year life (both reasonable from experience with desalination), membrane 

replacement cost over a one-year period is (2057*20/5)/year, i.e., $8228/year.  Assuming 

7200 hours of operation per year (300 days and 24 hours/day), 7200 tons/year can be 

dewatered with this membrane area. Therefore, dewatering costs attributable to 

membrane replacement alone would be $1.14/ton of solids. If a higher flux of 3 LMH, as 

was demonstrated for DI-washed GL3 slurry, were achieved, then the membrane 

replacement cost would decrease to $0.475/ton of solids. Typically, membrane 

replacement costs are the primary cost in membrane-based processing and they are 

sensitive to realized membrane lifetime. If membrane lifetime in the above application 

were to be just one year, costs would go up to $5.70/ton for as-received slurry and 

$2.38/ton for DI washed slurry. 

 

In addition to membrane replacement costs, an economic analysis must include costs 

related to modules and equipment, chemicals for slurry conditioning, if any, power 

requirements, etc. Power costs are minor in this application as it is a low-pressure 

operation. Module costs will be dependent on membrane configuration. For this 

application, hollow fiber-type modules and plate-and-frame systems are most likely to be 

suitable. Hollow fiber-type modules (outside-in water flows with draw solution inside the 

fiber) would appear to offer the most compact packing factor (~800 m
2
/m

3
). If that were 
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to be realized, the volume footprint is estimated to be 2.57 m
3
 of space/ton of solids 

processed. The space requirement in turn would dictate costs associated with tankage and 

other equipment related costs. The annualized capital costs are expected to be relatively 

small based on desalination experience.  

 

Of the variable costs, membrane replacement costs are expected to be greater than 50% 

of the operating costs. On this basis, an optimistic first estimate of osmotic dewatering 

costs is $1/ton of solids assuming the cost of membrane replacement is $0.50/ton of 

solids processed. 

 

In addition to the above, the cost of regenerating the draw solution would have to be 

taken into consideration. Using reverse osmosis for regeneration, costs for regenerating 

the draw solution will be approximately $2.50/ton of solids for concentrating GL3 slurry 

from 25% to 70% solids. After taking credit for water at $1/1000 gallons, the net cost 

would be around $2/ton of solids.  

 

Figure 23 shows some of these costs and their sensitivity to initial slurry solids 

concentration and final solids concentration at an assumed flux of 1.25 LMH.  

 
 

CONCLUSIONS AND RECOMMENDATIONS 

 

This work suggests that osmotic dehydration can achieve solids content greater than 70% 

and in many instances closer to 80%. The average flux achievable with a cellulose tri-

acetate membrane dewatering as-received GL3 slurry from a starting solids content of 

25% to a final solids content of about 75% is approximately 1.25 LMH. When processing 

washed GL3 slurry, the average flux achieved in going from a starting solids content of 

25% to a final solids content of about 80% is approximately 3 LMH. This degree of 

dewatering is achieved without application of mechanical pressure. 

 

Figure 23.  Estimated cost of dewatering coal tailings and ultra-fine 

coal slurry using an osmotic gradient. 
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The cost of dewatering a ton of solids is dependent on starting slurry concentration, target 

slurry concentration, flux, membrane lifetime, and mode of draw solution regeneration. 

The first two parameters will typically be set by design. The flux (or productivity) and 

membrane lifetime will be determined by membrane choice, slurry composition, cake 

properties, and operating mode. First order calculations suggest that the cost of 

dewatering a ton of solids using the best experimental results (3 LMH average flux, 

$20/m
2
 of membrane, 5-year lifetime) is around $3/ton of solids. For a process at this 

nascent stage, this is quite promising. A lower bound is $2/ton of solids if RO were to be 

used for draw solution regeneration. Other techniques of draw solution regeneration 

could result in much lower costs. Another approach to lower costs would be to undertake 

preliminary concentration of the slurry from 25 to 40% solids using another technology 

and then apply osmotic dewatering as a finishing process. 

 

Membrane replacement costs can be lowered through productivity enhancement. The 

productivity of the process can be further increased by maximizing the driving force 

(minimizing osmotic pressure of the slurry) and by decreasing cake resistance.  

 

Slurry total dissolved solids (and therefore osmotic pressure) in many coal preparation 

plants in Illinois are considerably lower than that of those used in this preliminary work. 

For example, thickener underflow from the Willow Lake and the Pattiki preparation 

plants in southern Illinois have TDS levels of ~4000 mg/L and 2200 mg/L, respectively. 

Hence, Willow Lake and Pattiki slurries are expected to be processed with a higher 

average flux than that of as-received Galatia slurry. Osmotic pressure can also be 

decreased by water washing. This washing can be achieved without additional water 

consumption in the coal preparation circuit through use of water pinch technologies. 

 

Cake resistance can be lowered by manipulating relevant particle properties such as 

particle size, charge, and hydrophilicity/hydrophobicity. Cake resistance can also be 

lowered by actively disrupting the cake, minimizing cake thickness, or through control of 

cake porosity. Many of these approaches are common to cake filtration processes and are 

readily incorporated into osmotic dewatering as well. 

 

Osmotic dewatering of fine coal refuse and fine coal slurries has been shown to be 

feasible at a bench scale. Back-of-the-envelope costs for the unoptimized process suggest 

that the process is within bounds of economic feasibility. Questions remain on whether 

the process can be scaled-up in a manner that retains process simplicity with adequate 

membrane productivity and membrane reliability.  
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